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Homogeneous Azeotropic Distillation:

Entrainer Selection

Lionel Laroche

Abstract

We examine the simplest homogeneous azeotropic distillation sequence of industrial
relevance, where we add an entrainer to a binary azeotrope in order to recover both
azeotropic constituents as pure products. Despite its apparent simplicity, such distil-

lation columns can exhibit an unusual behavior not observed in zeotropic distillation:

¢ Por some mixtures, separation as a function of reflux goes through a maximun.

At infinite reflux, no separation is achieved.

e In some cases, achieving the same specifications with a larger number of trays

requires a larger reflux.

e In some cases the only feasible separation yields the intermediate component
as a pure distillate while the bottom product contains the light and heavy

components.

e In some cases the only feasible separation yields the intermediate component
as a pure bottom product while the distillate contains the hght and heavy

components.

While these unusual features can be regarded as curiosities, they are essential [or
proper entrainer selection and design. When designing a homogeneous azeotropic

sequence which separates a binary azeotrope into two pure products, we must first
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choose the entrainer. Currently available entrainer selection criteria are inadequate:
They contradict one another and often lead to incorrect conclusions. IndAeod. for
a minimum boiling azeotrope, the existing entrainer selection rules state that onc
should use a high boiling component that introduces no additional azeotrope (Bene-
dict & Rubin 1945), an intermediate boiling component that introduces no additional
azeotrope (Hoffman 1964), a component which introduces no distillation boundary
between the azeotropic constituents (Doherty & Caldarola 1985), and either a low
boiling component that introduces no additional azeotrope or a component that intro-
duces new minimum boiling azeotropes (Stichlmair, Fair & Bravo 1989). By taking
advantage of the curious aforementioned features, we have been able to understand
when these criteria are correct, or incorrect.

In the case of homogeneous azeotropic distillation, separability at finite reflux and
at infinite reflux are not equivalent and must be examined separately. By analyzing

in detail the profiles of columns operated at infinite reflux, we have:

- shown that a binary azeotrope can be separated with only one distillation col-
umn. We present a necessary and sufficient condition that identifies such situ-

ations;

- found a necessary and sufficient condition for separability in a two-column se-
quence. When separation is feasible, this condition indicates the flowsheet of

the corresponding separation sequence;

- shown that separation is very often feasible in a three-column separation if the

two azeotropic constituents are located in adjacent distillation regions.

Then, we examine two situations where separation is feasible at finite reflux but not

at infinite reflux.
Finally, we present practical solutions (in the case of entrainers that add no

azeotropes) to two problems of industrial relevance: Given a binary azeotrope that
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we want to separate into pure components, and a set of candidate entrainers, how
do we determine which one is the best? Also, for each of these ex’xtra‘inm*s,‘ what is
the flowsheet of the feasible separation sequence(s)? We obtain these solutions by
analyzing in detail the mechanisms by which heavy, intermediate and light entrainers
make separation feasible, using the new notions of equivolatility curves, of isovolatil-
ity curves and of local volatility order. We show that the second question finds an
easy solution from the volatility order diagram.

This analysis shows that a good entrainer is a component that “breaks” the
azeotrope easily (i.e,. even when its concentration is small) and yields high relative
volatilities between the two azeotropic consituents. Because these attributes can be
easily identified in an entrainer from the equivolatility curve diagram of the ternary
mixture azeotropic component #1 - azeotropic component #2 - entrainer, we can cas-
ily compare entrainers by examining the corresponding equivolatility curve diagrams.

We also demonstrate the validity and limits of this method with numerous examples.
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Chapter 1

Introduction

Separating azeotropic mixtures into pure components is a task commonly encountered
in the chemical industry. If pressure - swing distillation cannot be used (because the
azeotrope composition does not vary much with pressure or because the required
pressure leads to product degradation), there are four basic methods to separate a

binary azeotrope through distillation:
¢ homogeneous azeotropic distillation
o heterogeneous azeotropic distillation
o reactive distillation
e “salted” distillation

These four techniques all involve the addition of a third component, but the action of
this entrainer depends on the considered type of distillation. It may alter the relative
volatility of the two azeotropic constituents without inducing liquid - hquid phase
separation (homogeneous azeotropic distillation), alter the relative volatility and in-
duce a liquid - liquid phase separation {(heterogeneous azeotropic distillation), react
reversibly with one of the azeotropic constituents (reactive distillation), or dissociate
ionically and change the azeotrope composition (“salted” distillation). Heterogeneous
azeotropic distillation is often preferred industrially because the decantation involved

in the condenser makes the scheme attractive economically, but suffers from a major
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drawback: Operating such columns can be very tricky, because upsets can induce
phase separation inside the column, leading to a severe loss of efficiency, (Kovack &
Seider 1987). Because homogeneous azeotropic distillation columns are much easier
to operate (Jacdbsen et al. 1990) and because they can outperform heterogeneous
azeotropic distillation columns that separate the same mixture (Knapp & Doherty
1990), homogeneous azeotropic distillation is an economically attractive way of sep-
arating binary azeotropes.

Given a binary azeotrope that we want to separate into two pure components, the
design of an homogeneous azeotropic distillation sequence! performing this separation
1s usually carried out in two steps: We first screen potential entrainers, then synthe-
size a separation sequence for each selected entrainer. The first step is critical, since
an economically optimal design made with an average entrainer can be much more
costly than an average design using the best entrainer. Screening potential entrain-
ers is usually done with the help of “necessary conditions.” If a chemical does not

satisfy a given “necessary condition,”

it cannot make the described separation feasi-
ble and should therefore be discarded. Over the years, several necessary conditions
have been developed and by their very nature potential entrainers should meet all of
them. However, some of the “necessary conditions” proposed by various researchers
(Benedict & Rubin 1945, Hoffman 1964, Doherty & Caldarola 1985, Stichlmair, Fair
& Bravo 1989) have been found to contradict one another: Entrainers that satisfy
one necessary condition automatically fail another one, and thus separation ShOUl'd
never be feasible. This paradox comes from the poor understanding of homogeneous

azeotropic distillation. The “necessary” conditions fail because it has not been recog-

nized that homogeneous azeotropic distillation columns can behave in a very unusual

LA separation sequence usually contains two columns. The first column, called extractive column.
breaks the azeotrope and yields the first azeotropic constituent as a pure product. The second
column, called entrainer recovery column, separates the second azeotropic constituent from the
entrainer, which is recycled to the extractive column (see figure 1.1).
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Fig. 1.1: Typical homogeneous azeotropic distillation sequence

manner. Amongst their strange features, we have found that:

¢ Increasing reflux in a given column does not always increase separation. In fact,

In many cases, there is no separation at all at infinite reflux.

o Meeting the same specifications with a larger number of trays sometimes re-

quires higher internal flows.

e Sometimes, separation is feasible, but neither the direct nor the indirect se-
quence are possible. Indeed, there are cases where we can recover the interme-
diate boiler but not the light boiler, as a pure distillate product. There are also

cases where we can recover the intermediate boiler, but not the heavy boiler,



as a pure bottom product.

Chapter 2 demonstrates the unusual features of homogeneous azeotropic distillation
columns, then shows how overlooking the specificity of these columns leads to er-
roneous entrainer screening criteria. We show that the existing entrainer selection
criteria contradict one another: In particular, no component can simultaneously sat-
isfy the “necessary” conditions stated by Doherty & Caldarola and by Stichlmair et
al. We show that none of these criteria can be used reliably in practice: By éxgmining
15 separable mixtures of azeotropes and entrainers and comparing with the predic-
tions of these criteria, we demonstrate that the criteria reject a significant fraction of
suitable entrainers. We also prove that these criteria are wrong because they do not
take into account the unusual behavior of homogeneous azeotropic distillation. More
precisely, they fail to recognize that separations that are infeasible at infinite reflux
may be feasible at finite reflux: Total reflux does not imply maximum separation in
the case of homogeneous azeotropic distillation.

Taking these unusual features into account leads us to examine separability at
infinite reflux and at finite reflux separately (cf. chapter 3). Because the infinite re-
flux situation represents the limit of high reflux, separability at infinite reflux implies
separability at finite reflux, but the converse is not true. At total reflux, composition
profiles of packed columns are described by residue curves whereas distillation lines
represent the composition profiles of staged columns. By correctly interpreting the in-
formation contained in ternary residue curve diagrams (or distillation line diagrams),

we obtain the following results:

e A binary azeotrope can be separated into two pure products with only one
column. We present a necessary and sufficient condition for separability in one

column.



o We develop a necessary and sufficient condition for separability in a two-column

separation sequence.

¢ We show that separation is always feasible in a three-column sequence if the
two azeotropic components are located in adjacent distillation regions and if the
boundary between these two regions displays no inflexion point and is oriented

towards the azeotrope.

These necessary and sufficient conditions have one important additional benefit: They
indicate the flowsheet of each feasible separation sequence(s).

In the last section of chapter 3, we examine several practical aspects of separability.
We look at the differences between separability at finite reflux and at infinite reflux:
Separations that are feasible at infinite reflux are feasible at finite reflux, but the
converse i1s not true. We analyze cases where separation is feasible at finite reflux but
not at infinite reflux. Finally, we show that homogeneous azeotropic distillation may
be particularly sensitive to vapor-liquid equilibrium data uncertainty.

In practice, the separability criteria presented in chapter 3 have two important
advantages: They predict separability reliably and indicate the flowsheet of each
feasible separation sequence, including some unusual ones. However, this condition,
like the aforementioned conditions (Benedict & Rubin 1945, Hoffman 1964, Doherty &
Caldarola 1985, Stichlmair, Fair & Bravo 1989), only answers the following question:
Does the considered candidate entrainer enable the separation of a given azeotrope?
This entrainer selection criterion is actually a screening criterion: Given a set of
candidate entrainers, it determines which components make separation feasible and
which do not; it does not rank those that lead to separability. The obvious way
to find the best entrainer is to design, optimize and cost the {easible separation
sequence(s) corresponding to each entrainer: The best entrainer yields the lowest

cost. However, this is a very time-consuming method. Shortcut comparison methods,

both experimental and predictive, exist for heavy entrainers that add no azeotrope.



The predictive methods compare entrainers based on an estimated infinite dilution

relative volatility (Tassios 1972b, Van Winkle 1976). The experimental methods

(Tassios 1970, Tassios 1972a, Kojima & Ochi 1974, Lee & Pahl 1985, Yeh 1986)

usually consist in measuring the relative volatility of the two azeotropic constituents

at some point or along some segment of the composition space. Figure 1.2 shows

which point or which segment these various methods use as their comparison basis:

i

Tassios (1970, 1972a) ranks entrainers based on infinite dilution relative volatil-

ity, using estimates obtained by gas-liquid chromatography.

Kojima & Ochi (1974) compare the relative volatility of the two azeotropic con-
situents along the two edges entrainer - azeotropic component #1 and entrainer
- azeotropic component #2. This relative volatility is calculated from binary

and ternary bubble-point data (temperature - liquid composition).

Lee & Pahl (1985) compare the relative volatility of the two azeotropic con-
stituents along the segment shown in figure 1.2, using an Othmer-type equilib-

rium still to measure vapor-liquid equilibrium data.

Yeh (1986) draws the pseudo-binary McCabe-Thiele diagram of the two
azeotropic consituents at some unspecified entrainer concentration, using an

Othmer-type equilibrium still to obtain vapor-liquid equilibrium data.

Both predictive and experimental methods suffer from the same limitations:

They only apply to heavy entrainers that add no azeotropes, thereby missing a

large number of entrainers.

These shortcut methods are local in nature: They rank entrainers based on the
two azeotropic components’ relative volatility in a very restricted area (a point
or a segment). This is insufficient to compare entrainers: When we design (or

operate) a homogeneous azeotropic distillation column, we vary the entrainer
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feed and reflux flow rates for a given azeotropic feed flow rate, and the resulting
composition profiles span a large region inside the composition space. Over
the covered area, the entrainer classification may differ from the classification
obtained at that one point or on that one segment. For instance, many shortcut
methods rank entrainers by comparing the experimental or calculated relative
volatility of the two azeotropic constituents at infinite dilution, i.e. when the
concentrations of the azeotropic contituents are essentially zero. But finite di-
lution is the prevailing condition in actual columns. Unfortunately, we cannot
deduce the finite dilution entrainer classification from its infinite dilution coun-
terpart: While the relative volatility of the two azeotropic components increases
linearly with entrainer concentration for some entrainers (Murti & Van Winkle
1957, Prabhu & Van Winkle 1963), it increases at varying rates (Stephenson &
Van Winkle 1962) or even exhibits a maximum (Qozati & Van Winkle 1960.

Hess et al. 1962) for other entrainers.

- Obtaining high relative volatilities between the two azeotropic components is
only one of the requirements a good entrainer must satisfy. As we show in
this article, we must also take into account the amount of entrainer needed to

achieve high relative volatilities in order to avoid too-high feed ratios.

In chapter 4, we analyze in detail what makes a good entrainer and we present
a way of comparing entrainers semi-quantitatively, using as the only information

the thermodynamic description of the ternary mixture. This method applies to all
entrainers that add no azeotropes (such entrainers almost always lead to separability).
This method can be extremely useful at the stage of conceptual design, when only an

J

approximate separation flowsheet is required.



Chapter 2

The Unusual Behavior of Homogeneous
Azeotropic Distillation - Implications for
Entramner Selection

2.1 The unusual behavior of extractive columns

2.1.1 Background

We focus here on homogeneous azeotropic distillation units. These units perform
the separation of a binary azeotrope into two pure components through the addition
of an entrainer that alters the relative volatility of the two azeotrope constituents
without indticing liquid - liquid phase separation. Usually, this separation requires

two distillation columns:

e The first column (called extractive or homogeneous azeotropic distillation col-
umn), yields one azeotropic constituent as a pure product, while the other
product contains the entrainer and the other azeotropic component. When the
entrainer feed and the azeotropic feed are located on different trays, the section

between the two feeds is called extractive section.

o The second column (called entrainer recovery column), separates the second
azeotropic constituent from the entrainer. The entrainer is usually recycled to

the extractive column.
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Figure 1.1 depicts the situation typically encountered in industry. Because maximum
boiling azeotropes are far less common than minimum boiling azeotropes, homoge-
neous azeotropic distillation sequences usually separate minimum boiling azeotropes.
The entrainer is usually a heavy boiler, fed close to the top of the extractive column.
The light boiler is recovered as pure distillate in the extractive column, while the
intermediate boiler is recovered as a pure distillate of the entrainer recovery column.
Note that, although this is the most commonly used separation sequence, this is not
the only possibility (Doherty & Caldarola 1985, Stichlmair et al. 1989). Because of
the large number of possible separation sequences, we use here a broad definition of
separability. Given a binary azeotrope A-B and a candidate entrainer E, we say that
separation is feasible and that E acts as entrainer for the A-B azeotrope if there exists
at least one separation sequence (with an arbitrary number of columns and recycles)
which yields both A and B as pure products. Note that A and B can be recovered as
top or bottom products. Also, note that the recycles do not have to contain only pure
E; in some cases, an azeotrope of E and either A or B, or even a ternary azeotrope is
recycled.

For the examples in this paper, we assume that the thermodynamic properties of
the ternary mixture azeotropic component #1 - azeotropic componenﬁ #2 - entrainer
are perfectly described by the Wilson equation (liquid phase), the Antoine equation
and the ideal gas equation (vapor phase). Note that the fundamental conclusions
presented in this paper are independent of the specific VLE model employed. We
discuss the consequences of this assumption in the last section of this article.

We examine here the qualitative properties of homogeneous azeotropic distillation

columns with two different simulation programs:

e The first program is a Caltech-developed dynamic simulation program called
Chemsim (Andersen et al. 1989). This program assumes constant molar over-

flow and a tray efficiency of 1. We obtain the steady state column profile by
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integrating up to a very large time horizon. The thermodynamic routines and
data (Wilson coefficients and Antoine coefficients) were kindly provided to us

by Professor Doherty of the University of Massachusetts, Amherst.

o The second program is Aspen (from Aspen/JSD). We used the RADFRAC
routine, in both evaluation and design modes. We included here heat effects, but
trays were still considered as ideal. We used the Antoine equation coefficients

provided by Aspen; we specified the same Wilson equation coeflicients as in

Chemsim.

When they both converge, these two programs yield results that are qualitatively
similar; their quantitative differences come from the difference in the thermodynamic
data used as input and from the heat effects. Although we always obtained conver-
gence with Chemsin, we had in many cases severe convergence problems with Aspen;
providing a good initial guess then becomes essential. Upon request, we will provide
a PC diskette containing the Aspen input files corresponding to the results shown in
this paper.

Unless stated otherwise, we will use the following conventions to refer to a given

mixture:

- L (I, H respectively) corresponds to the component that has the lowest (inter-

mediate, highest resp.) boiling point; we also denote the entrainer by E.

- Components are listed in the following order: Lighter azeotropic constituent -

heavier azeotropic constituent - entrainer.

- In the composition triangle, the upper left (lower right, lower left respectively)
corner corresponds to the lighter azeotropic constituent (heavier azeotropic con-

stituent, entrainer resp.).

The notions of residue curves, residue curve boundaries and distillation regions are

extensively used throughout this work. A detailed analysis of the properties of residue
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curve diagrams can be found in the series of articles published by Doherty & Perkins
(1978a, 1978b, 1979) and by Van Dongen & Doherty (1984). Very briefly, a residue
curve is obtained in the following manner: We consider a still that contains a multi-
component mixture, and we evaporate its content slowly (so that the vapor remains
in constant equilibrium with the liquid that remains in the still). By recording the
liquid composition as a function of time and plotting it in the composition space, we
obtain a residue curve.

A residue curve diagram is obtained by plotting several residue curves that corre-
sponds to different initial still compositions. In the case of an ideal ternary mixture,
residue curves all start at the light component corner and all end at the heavy compo-
nent corner. When the mixture forms azeotropes, we often obtain a more complicated
residue curve diagram; this diagram may contain distillation boundaries and distinct
distillation regions. We define a distillation region as a subset of the composition
space where all residue curves start at the same point and all end at the same point.
Thus, in the ideal case, there is only one distillation region: The whole composition

space. Iinally, we define a residue curve boundary as the curve which separates two

distinct distillation regions.

2.1.2 Infinite reflux does not imply maximum separation

The first unusual feature of homogeneous azeotropic distillation columns is the fact
that in some cases increasing reflux decreases separation. This never happens in
the zeotropic case. When distilling a zeotropic mixture, increasing reflux improves
the operating lines, thereby increasing separation. Separation is a monotonically
increasing function of reflux, and maximum separation in a given column (with a
fixed number of trays in each section) is reached at infinite reflux’(Henley & Seader
1981). As shown by Andersen, Laroche and Morari (1989), homogeneous azeotropic

distillation columns can be much more complex than regular distillation columns.
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One important conclusion is the fact that, for a given column and a given feed ratio
(ratio of the entrainer feed flow rate to the azeotropic feed flow rate), separation does
not increase monotonically with reflux. Indeed, increasing reflux increases separation
for low reflux values while it decreases separation for high reflux values. This unusual
behavior is explained by the fact that the overall effect of a reflux increase is the sum
of two competing effects and that the relative magnitude of these effects depends
on the operating point. While increasing reflux improves the operating lines in the
various sections of the column, thereby increasing separation (positive effect), it also
dilutes the entrainer in the extractive section, decreasing the relative volatility of
the two azeotropic components, and therefore decreasing separation (negative effect).
Figure 2.1 to figure 2.8 illustrate these two opposing effects in the case of the acetone
(L) - heptane (I) azeotrope, using toluene (H-E) as entrainer. Here, we display the
column composition profiles obtained at different reflux flow rates, starting from a
small reflux value. The entrainer feed, azeotropic feed, distillate and bottom product
flow rates are kept constant. We see that separation first increases for low reflux values
because the operating line improvement (best seen by the changes in the rectifying
and stripping sections composition profiles) overcomes the entrainer dilution. Then
separation reaches a maximum and decreases after that because for high reflux values
the entrainer dilution effect takes over the operating line improvement. Indecd, the
entrainer concentration in the extractive section goes to zero as reflux goes to infinity.
At infinite reflux, we see that the column does not perform any separation.

We reproduced one of these composition profiles with Aspen, and obtained very
similar results by increasing reflux by 30% over that used with Chemsim (compare
figure 2.3 and figure 2.8). This quantitative difference is explained by the heat effects
and is consistent with the results of Knight & Doherty (1986).

This unusual behaviour with changing reflux occurs in most industrial cases; it

will occur whenever the entrainer has a higher boiling point than both azeotropes
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Fig. 2.1: The acetone - heptane - toluene separation sequence
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Fig. 2.2: Acetone (1) - heptane (2) - toluene (3) extractive column
composition profile
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Fig. 2.3: Acetone (1) - heptane (2) - toluene (3) extractive column

composition profile
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Fig. 2.4: Acetone (1) - heptane (2) - toluene (3) extractive column
composition profile
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Fig. 2.5: Acetone (1) - heptane (2) - toluene (3) extractive column
composition profile
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Fig. 2.6: Acetone (1) - heptane (2) - toluene (3) extractive column
composition profile
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Fig. 2.7: Acetone (1) - heptane (2) - toluene (3) extractive column

composition profile
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Fig. 2.8: Acetone (1) - heptane (2) - toluene (3) extractive column
composition profile obtained with ASPEN
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and introduces no new azeotrope (see Andersen et al. 1989). Yet there are homo-
geneous azeotropic distillation examples where infinite reflux does lead to maximum
separation. Figure 2.9 to figure 2.14 show the column composition profiles obtained
for increasing reflux values in the acetone (L) - heptane (H) - benzene (I-E). Ben-
zene, like toluene, can act as entrainer for the acetone - heptane azeotrope. Again,
feed flow rates and product flow rates are kept constant. We see that separation
increases monotonically with reflux. Again, we reproduced one of these composition
profiles with Aspen. As in the previous case, we obtained a good agreement between
Chemsim and Aspen by increasing the reflux, by about 10% in this case (compare
figure 2.11 and figure 2.14).

In the case of intermediate entrainers that add no azeotropes, separation is a
monotonically increasing function of reflux ratio. In the case of heavy entrainers
that add no azeotropes, separation first increases with reflux ratio before reaching a
maximum and going down to zero for very large reflux ratios. We obtain an even more
peculiar situation with light entrainers that add no azeotropes. In this case, separation
first increases with reflux ratio, then reaches a maximum and starts decreasing after
that. However, contrary to heavy entrainers, some separation is still performed with
high reflux ratios, but not as much as at finite reflux. This unusual behavior of
homogeneous azeotropic distillation is depicted by figure 2.15 to figure 2.21 using
ethanol (I) - water (H) - methanol (L-E) as an example.

Contrary to the situation observed in normal distillation, infinite reflux is often
not the limiting case for homogeneous azeotropic distillation columns. An immediate
consequence of this unusual property is that we cannot screen entrainers by using
only information on the behavior at infinite reflux of the ternary mixture azeotropic
component #1 - azeotropic component #2 - entrainer. Entrainer selection criteria
that reject components automatically if they do not make separation feasible at in-

finite reflux are fundamentally flawed, since these rejected entrainers may actually
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Fig. 2.9: The acetone - heptane - benzene separation sequence



Fig. 2.10: Acetone - heptane - benzene extractive column composition profile
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Fig. 2.11: Acetone - heptane - benzene extractive column composition profile
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Fig. 2.12: Acetone - heptane - benzene extractive column composition profile
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Fig. 2.13: Acetone - heptane - benzene extractive column composition profile
L/F = 100.0
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Fig. 2.14: Acetone - heptane - benzene extractive column composition profile

obtained with ASPEN
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Methanol (L) recycle
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Fig. 2.15: The ethanol - water - methanol separation sequence
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Fig. 2.16: Ethanol (1) - water (2) - methanol (3) extractive column
composition profile
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Fig. 2.17: Ethanol (1) - water (2) - methanol (3) extractive column
composition profile
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Fig. 2.18: Ethanol (1)

- water (2) - methang]
¢omposition profile
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Fig. 2.19: Ethanol (1) - water (2) - methanol (3) extractive column
composition profile
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Fig. 2.20: Ethanol (1) - water (2) - methanol (3) extractive column
composition profile
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Fig. 2.21: Ethanol (1) - water (2) - methanol (3) extractive column
composition profile
L/F = 10000.0
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make separation feasible at finite reflux.

This paragraph has demonstrated that the first golden rule of distillation: “If
you want better separation with a given column, increase reflux” does not apply to
homogeneous azeotropic distillation columns. The next paragraph shows that the
second golden rule of distillation: “If you want better separation with a given reflux
flow rate, increase the number of trays” is also incorrect in the case of homogenecous

azeotropic distillation columns.

2.1.3 Increasing the number of trays may decrease separation

Another unusual feature of homogeneous azeotropic distillation columns described by
Andersen et al. (1989) is the fact that, in some cases, meeting the same specifications
with a larger number of trays requires higher internal flows. The comparison of Run
1 and Run 2 shows that adding trays in the entrainer section at constant internal
flows decreases both top and bottom purities (table 2.1). The comparison of Run
1 and Run 3 shows that meeting given specifications with a larger number of trays
in the extractive section actually requires higher internal flows. We also see that
Aspen confirms this trend. As far as we know, this behavior does not occur in
zeotropic distillation. There, increasing the number of trays in any column section
always increases separation (Henley & Seader 1981). This improvement may be very
small; for instance, adding trays to a section that contains a pinch does not increase
separation very much. This unusual behavior of homogeneous azeotropic distillation

columns is not clearly understood.

2.1.4 Direct or indirect split?

Homogeneous azeotropic distillation also differs from zeotropic distillation bv the
order in which we can remove the various components. This order is obvious in the

case of zeotropic distillation, but can be counterintuitive for homogeneous azeotropic



Table 2.1

Chemsim (Aspen)

Run1 Run 2 Run 3
Boilup 198,11 (230.11) 198.11 (230.11) 199.83
Number of trays
(middle section) 14 24 24
Top purity 0.9900 (0.9857) 0.9836 (0.9754) 0.9900
Bottom purity

(ratio) 200 (14.28) 10 (4.48) 200
distillation.

et us consider a ternary mixture containing a light boiler L, an intermediate
boiler I and a heavy boiler H; let us further assume that this mixture is zeotropic, i.€.
it makes neither binary nor ternary azeotropes. If we want to separate this mixture

into three pure components with just two columns, we have the following alternatives:

o In the direct sequence (figure 2.22), L is recovered as a pure distillate product
in the first column. The bottom product, which contains both T and 11, is

separated in the second column into I (distillate) and H (bottom).

e In the indirect sequence (figure 2.23), H is recovered as a pure bottom product
in the first column. The distillate, which contains both L and I, is split in the

second column into L (distillate) and T (bottom).



Fig. 2.22: Direct Sequence

L I
RN e
Light
L/IVH
——————- ""'»
Intermediate Heavy
e o
1451 H
Fig. 2.23: Indirect Sequence
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Intermediate Heavy
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In the zeotropic case, the boiling point order dictates in which order we can remove
the various components. The only components we can remove as pure-products
from the first distillation column are the most volatile component (here, L) and the
least volatile component (here, H). There is no way of obtaining I, neither as a pure
distillate nor as a pure bottom.

Once again, homogeneous azeotropic distillation columns violate this rule. There
are cases where neither the direct split nor the indirect split are possible, but where
separation is feasible because we can recover the intermediate component either in
the distillate or in the bottom product. This very unusual behavior is illustrated with

two different mixtures (again, comparable results are obtained with Aspen):

¢ In the first case, we use chlorobenzene (H-E) as entrainer for the ethyl ethanoate
(L) - ethanol (1) azeotrope. A feasible separation sequence takes ethanol, the in-
termediate boiler, to the top of the extractive column, leaving ethyl ethanoate
and chlorobenzene, the light and heavy boilers, together in the bottom (fig-
ure 2.24 to figure 2.27). These two components are then separated in the en-
trainer recovery column. We were unable to synthesize an extractive column
that gives pure ethyl ethanoate. Experimental evidence of this behavior has
been recorded first by Buell & Boatright (1947), in the case of cis- and trans-
butene-2 / 1,3-butadiene / furfural and more recently, by Berg & Yeh (1985)

with several mixtures, including acetone - isopropy! ether - DMSO.

¢ In the second case, we use acetone (L-E) as entrainer for the methyl ethyl ketone
(I) - water (H) azeotrope. A feasible separation sequence takes methyl ethyl
ketone, the intermediate boiler, to the bottom of the extractive column, while
the distillate recovers acetone and water, the light and hea.vy‘boilers (figure 2.28
to figure 2.31). The entrainer recovery column yields pure water as bottom
product and pure acetone as distillate. Acetone is then recycled and acts as

entrainer. Again, we are unable to synthesize an extractive column that yields
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Distillate = Bottoms
0.0002 0.21192
0.99 0.00105
0.0098 0.78703
Ethyl Ethanoate (L)

Concentration Entrainer feed  Azeotropic feed
Ethyl Ethanoate (L) 0.0 0.5374
Ethanol (I) 0.0 0.4626
Chlorobenzene (H) 1.0 0.0
Ethanol (I)
l 46.46 >
Tray #71
185.64
200.0
Chlorobenzene ; Tray #41
makeup EEE—
/ _
Azeotropic feed N 1000 Tray #11 1 939210

e

.

253.54

Chlorobenzene (H) recycle

Fig. 2.24: The ethyl ethanoate - ethanol - chlorobenzene separation sequence
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Fig. 2.25: Ethyl ethanoate (1) - ethanol (2) - chlorobinzene (3)
extractive column composition profile
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Fig. 2.26: Ethyl ethanoate - ethanol - chlorobenzene residue curve diagram
and extractive column composition profile
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Fig. 2.27: Ethyl ethanoate (1) - ethanol (2) - chlorobenzene (3)
extractive column composition profile obtained with ASPEN
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water as a pure product.

2.1.5 Two separate feeds or one single feed?

In the case of zeotropic distillation, the relative locations of the various feeds (when
there are more than one) have no bearing on the separability of a multicomponent
mixture. As seen in the previous paragraph, only the volatility order limits what
separation can be performed. This is not the case for homogeneous azeotropic distil-
lation, where the location of the entrainer feed relative to the azeotropic feed has a
significant impact on separability. In most industrial applications, the entrainer is far
less volatile than the two azeotropic constituents. It must therefore be fed close to the
top of the column and above the azeotropic feed in order to ensure a concentration
large enough to “break” the azeotrope. Separation becomes infeasible if the two feeds
are introduced on the same tray. Figure 2.32 and figure 2.32 illustrate this fact using
the ethanol (L) - water (I) - ethylene glycol (H-E) mixture as an example, Because of
its low volatility, the ethylene glycol concentration decreases very rapidly above the
feed tray, and we do not break the azeotrope.

However, there are cases where separation is feasible although the entrainer and
the azeotrope are fed on the same tray. Figure 2.34 and figure 2.35 shows the com-
position profile of a single-feed acetone (L) - heptane (H) - benzene (I-E) column
where heptane is recovered as a pure bottom product. Note that a single feed column
performs almost as well as a double feed column in this case.

The fact that separability depends on the relative location of the entrainer feed
with respect to the azeotropic feed is a distinctive characteristic of homogencous
azeotropic distillation At this point, we do not know how to determine whether we

need two separate feeds or if a single feed is sufficient.
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Concentration  Entrainer feed Azeotropic feed Distillate Bottoms

Methyl ethyl ketone (1) 0.0 0.7014 0.00007 0.99
Water (H) 0.0 0.2986 0.01437 0.01

Acetone (L) 1.0 0.0 0.98556 0.00

Acetone (L) recycle

2029.3
Acetone makeup - Y I
_—_—.—-—_—’.

Tray #80

2000.0 3377.4

100.0 ' - .

Azeotropic feed Tray #25

5406.7

| 70.7 I
ol o
Methyl ethyl ketone (I) Water (H)

Fig. 2.28: The methyl ethyl ketone - water - acetone separation sequence
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Fig. 2.29: Methyl ethyl ketone (1) - water (2) - acetone (3)
extractive column composition profile

L/F = 37.774
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Methyl ethyl ketone
1 -

Fig. 2.30: Methyl ethyl ketone - water - acetone residue curve diagram
and extractive column composition profile




Fig. 2.31: Methyl ethyl ketone (1) - water (2) - acetone (3)
extractive column composition profile obtained with ASPEN
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Fig. 2.32: Ethanol (1) - water (2) - ethylene glycol (3)
extractive column composition profile.
The combined feed is introduced on tray 17.
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Fig. 2.33: Ethanol - water - ethylene glycol residue curve diagram
and single feed extractive column composition profile
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Fig. 2.34: Acetone (1) - heptane (2) - benzene (3)
extractive column composition profile.
The combined feed is introduced on tray 35.
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Fig. 2.35: Acetone - heptane - benzene residue curve diagram and
single feed extractive column composition profile.
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2.1.6 Summary

In this section, we have described the surprising behavior of homogeneous azeotropic

distillation. Important differences with zeotropic distillation are:

o Increasing reflux in a given column does not always increase separation. Infinite
reflux does not necessarily correspond to maximum separation, often separations

that are feasible at finite reflux are infeasible at infinite reflux.

o Increasing the number of trays at constant reflux does not always increase sep-

aration.

o The order in which components are removed can be counter-intuitive, since 1t

1s sometimes possible to recover the intermediate boiler first.

o The relative locations of the feeds sometimes limit separability: Some separa-

tions require that the entrainer feed and the azeotropic feed are separate, some

do not.

Although these features could be regarded as mere curiosities, they are essential for
proper entrainer selection. As demonstrated in the next section, the fact that infinite
reflux is not the limit case explains why several existing entrainer selection criteria
fail: They reject candidate entrainers because they do not make separation feasible

at infinite reflux, while these candidates actually make separation feasible at finite

reflux.

2.2 Entrainer selection criteria

2.2.1 The existing rules contradict one another

Over the years, several authors (Benedict & Rubin 1945, Hoffman 1964, Doherty &

Caldarola 1985, Stichlmair, Fair and Bravo 1989) have tackled the following problem:
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Given a binary azeotrope that we want to separate into pure components through
homogeneous azeotropic distillation and a set of candidate entrainers, find simple
conditions that these candidates must satisfy in order to make separation feasible. A
simple necessary condition for separability is quite attractive, since it enables a rapid
screening of potential entrainers. Any component that does not satisfy this condi-
tion can be immediately discarded. Of course, components that satisfy a necessary
condition may not make separation feasible: The selected entrainers must be further
examined.

The conditions that a candidate entrainer must meet in order to ensure separa-
bility depend on the chosen reference. For instance, in the case of a minimum boiling

azeotrope, we should use as entrainer:

e According to Benedict & Rubin (1945), a component that has a higher boil-
ing point than both azeotropic components and that introduces no additional

azeotrope. Scheibel (1948), Berg (1969), Tassios (1972) and Yeh (1986) also use

this condition.

e According to Hoffman (1964), a component that has a boiling point located
between the two azeotropic component boiling points and that introduces no

additional azeotrope.

o According to Doherty & Caldarola (1985), a component “which does not pro-

duce an internal distillation boundary between the two components to be sep-

arated”.

o According to Stichlmair, Fair and Bravo (1989), a component that either has
a lower boiling point than both azeotropic components and introduces no
new azeotrope (“low boiling substance”) or “forms new low boiling binary

azeotropes”.
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These conditions obviously contradict one another. The criterion of Benedict & Ru-
bin and Hoffman’s criterion are mutually exclusive, since one requires a high boiler
while the other requires an intermediate boiler. The criterion of Doherty & Caldarola
includes these two rules as special cases, since the conditions imposed by Benedict &
Rubin or Hoffman ensure that tvhere is no distillation boundary. In the classification
proposed by Doherty & Caldarola, they correspond to the 100 and 001 cases respec-
tively. The criterion of Stichlmair et al. and the criterion of Doherty & Caldarola also
contradict each other. For instance, light entrainers that introduce no new azeotropes
are automatically accepted by the former and systematically rejected by the latter,
because these entrainers introduce a boundary that runs from the entrainer to the
azeotrope and puts the two azeotropic constituents in different distillation regions.
Also, heavy or intermediate entrainers that introduce no new azeotropes are auto-
matically accepted by Doherty & Caldarola and systematically rejected by Stichlmair
et al.

Because these criteria are necessary conditions, an entrainer that actually makes
separation feasible should satisfy them all. Yet no component can satisfy simultane-
ously these conflicting conditions, so we can only conclude that at least one of these

criteria is wrong. The next section shows that all four are actually incorrect.

2.2.2 These criteria exclude many feasible separations

Since at least one entrainer selection criterion is wrong, the next obvious question is:
Which criteria should we trust? Which should we reject? We examine here this ques-
tion from a practical point of view. We first look at existing industrial separations,
which are obviously feasible, and see which of the four conditions are satisfied. We

consider the following applications of homogeneous azeotropic distillation:

o The separation of the ethanol (L) - water (I) azeotrope using ethylene glycol

(H-E) as entrainer. This well known separation has been extensively studied
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by Black & Distler (1972), Black (1980), Knight & Doherty (1989) and Knapp
& Doherty (1990). Ethylene glycol is a high boiler which introduces no new
azeotrope and there is no distillation boundary in the ternary diagram ethanol

- water - ethylene glycol (see figure 2.36).

e The separation of the acetone (L) - methanol (I) azeotrope using water (H-E)
as entrainer (Knapp & Doherty 1990). At normal operating pressure (atmo-
spheric), water is a high boiler that introduces no new azeotrope and there is

no distillation boundary in the ternary diagram acetone - methanol - water (see

figure 2.37).

o The separation of the nitric acid (L) - water (I) maximum boiling azeotrope
using sulfuric acid (H-E) as entrainer (Stichlmair et al 1989). Sulfuric acid is
a high boiler that introduces no new azeotrope. In the ternary diagram, nitric
acid - water - sulfuric acid, a distillation boundary runs from the nitric acid -
water azeotrope to the pure sulfuric acid point, separating the water and nitric

acid corners (cf. figure 7 of Stichlmair et al.).

e The separation of the ethanol (I) - water (H) azeotrope using methanol (L-E)
as entrainer. Although no industrial column actually performs this separation,
Hunek et al. (1989) have “checked its reliability with pilot-plant experiments”.
At normal operating pressure (atmospheric), methanol is a low-boiler that in-
troduces no new azeotrope in the system. In the ternary diagram ethanol -
water - methanol, a distillation boundary runs from the pure methanol point to

the ethanol - water azeotrope (see figure 2.38).

By comparing these examples with the aforementioned entrainer screening rules, we

see that:

o The criterion of Benedict & Rubin would reject the last two separations, because

sulfuric acid is a high boiler (the azeotrope is maximum boiling) and methanol
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Fig. 2.36: Ethanol - water - ethylene glycol residue curve diagram
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Fig. 2.38: Ethanol - water - methanol residue curve diagram
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1s a low boiler.

o Hoffman’s rule would reject all four separations, because none of the considered

entrainers 1s intermediate boiling.

o The criterion of Doherty & Caldarola would reject the last two separations
because, in both cases, the two desired components lie on opposite sides of a

distillation boundary.

o The criterion of Stichlmair et al. would reject the first two separations because,
in both cases, the entrainer is a high boiler that does not introduce additional

azeotropes.

The obvious conclusion from these four examples is that all four entrainer selection
criteria are erroneous. In order to examine how often they fail, we consider five min-

imum boiling azeotropes. For each of these azeotropes, we have identified entrainers

that make separation feasible:

o Ethyl ethanoate - ethanol: Chlorobenzene, acetone

Ethanol - water: Methanol, ethylene glycol, acetone

Acetone - heptane: Benzene, toluene

e Acetone - methanol: Water, chlorobenzene, ethanol, isopropanol

Isopropanol - toluene: Methanol, ethanol, acetone, ethyl ethanoate

Appendix 1 shows the feasible separation sequence and the residue curve diagram

that correspond to each of these 15 cases. We see that:
e The criterion of Benedict & Rubin is correct in 7 cases.

e Hoffman’s rule is correct in 1 case.
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o The criterion of Doherty & Caldarola is correct in 8 cases.
e The criterion of Stichlmair et al is correct in 7 cases.

This study shows that none of these criteria can be used in practice, since all of them
reject incorrectly a large fraction of entrainers.

We have now established that all four existing entrainer selection criteria are
incorrect. In thé next paragraph, we use the understanding gained in the previous
section of the fundamental characteristics of homogeneous azeotropic distillation to

explain the failures of these criteria.

2.2.3 Why do these rules fail?
Benedict & Rubin

This rule is based on industrial experience. In 1945, most entrainers were high boilers
that did not add azeotropes in the system. By using the rule of Benedict & Rubin. we
can utilize the experience gained in industry with such entrainers. But the chemical
industry at large does not take full advantage of the possibilities offered by homo-

geneous azeotropic distillation (this fact has already been underlined by Doherty &

Caldarola (1985)).

Hoffman

This rule is based on a graphical representation of the infinite reflux situation. At
infinite reflux, separations such as ethanol (L) - water (I) - ethylene glycol (H-E) and
acetone (L) - methanol (I) - water (H-E), which are two of the most common appli-
cations of homogeneous azeotropic distillation) are impossible. Hoffman’s graphical
procedure correctly predicts this fact. However, because infinite reflux is not the

limiting case, this does not imply that separation is infeasible for finite reflux values.



Doherty & Caldarola

The criterion of Doherty & Caldarola is based on residue curve boundaries. Their
argumentation contains two steps: The first step can be found in Van Dongen &
Doherty (1985), the second step in Doherty & Caldarola (1985). The reader is referred

to these papers for details. Their argumentation unfolds as follows:

o In the first step, they explain why residue curve boundaries limit the range
of feasible separations. The idea is that, because distillation column profiles
at infinite reflux can be approximated by residue curves and because residue
curves cannot cross residue curve boundaries, composition profiles cannot cross
residue curve boundaries by much. Implicitly, they assume that composition
profiles at finite reflux are very similar to composition profiles at infinite reflux.
They write (Van Dongen & Doherty 1985, p. 462): “From (the residue curve)
map, we can immediately determine the simple distillation region boundaries
and also the general shape of the expected column profiles at infinite reflux
and reboil. These profiles and boundaries would then serve to approximate the
profiles and region boundaries for the case of finite reflux and reboil ratio.”
They conclude that “the topology of the residue curve map [...] constrains the

range of possible compositions of the distillate and bottom products.”

o In the second step, they make “the reasonable working assumption (that) mate-
rial balance lines joining distillate, feed and bottoms compositions in continuous
distillation are forbidden to cross simple distillation region boundaries regard-
less of the operating conditions in the column.” With this assumption they
explain why “distillation boundaries within the composition triangle can never

be crossed by simple recycle methods.”

As we saw in the first section, profiles at finite reflux and at infinite reflux can differ

significantly in the case of homogeneous azeotropic distillation. Therefore, the implicit
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assumption that composition profiles at finite reflux are similar to composition profiles
at infinite reflux is incorrect. Composition profiles in the extractive section often go
across residue curves. For instance, in the case of ethanol (L) - water (I) - ethylene
glycol (H-E), the comparison of figures 10 and 13 of Levy & Doherty (1986) shows
that the extractive section composition profile is perpendicular to the residue curves
it intersects.

Because infinite reflux composition profiles coincide with residue curves (Van Don-
gen & Doherty 1985), the distillate and bottom products of a distillation column
operated at infinite reflux must lie within the same distillation region. However, we
often obtain a different situation at finite reflux, because we can achieve more sepa-
ration at finite reflux than at infinite reflux. For instance, figure 11 of Van Dongen
& Doherty (1985) and figure 12 of Levy, Van Dongen and Doherty (1985) display
examples of mixtures where distillate and bottom lie in different regions. According
to our experience, the assumption that distillate and bottom have to be in the same
region is too restrictive. Indeed, the composition profiles of several columns presented
in this article cross their corresponding boundaries!; the distillate and bottom then
lie in different distillation regions.

While distillate and bottom must lie in the same distillation region at infinite
reflux, the feed can belong to a different region. Even at infinite reflux, the mass
balance line of a distillate column can cross a residue boundary. This phenomenon is
made possible by the curvature of residue curve boundaries: The column feed t,he-n
lies on the concave side of the boundary while distillate and bottoms lie on the convex
side. Figure 2.39 to figure 2.42 illustrate this fact in the methyl acetate (L) - methanol

(I) - hexane (H-E) case’: We can use hexane as entrainer for the methanol - methyl

1Such is the case for the following mixtures: Methyl ethyl ketone (I) - water (H) - acetone (L-E),
ethanol (I) - water (H) - methanol (L-E), ethanol (I) - water (H) - acetone (L-E), sec butanol (I) -
water (H) - ethanol (L-E), isopropanol (I) - toluene (H) - acetone (L-E), isopropanol (1) - toluene
(H) - ethyl ethanoate (L-E), ethyl ethanoate (I) - ethanol (H) - acetone (L-E).
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acetate azeotrope.  Indeed, a feed of composition D1, which lies in region 1, can be
separated in a column operating at infinite reflux into a distillate D2 and a bottom
B2, which both lie in region 2. The entrainer recovery column can perform its task,
since we can recover the entrainer and produce almost pure methyl acetate. The
extractive column also achieves its objective: It separates the mixture of D2 and F
into a distillate D1 and a bottom B1, which contains essentially pure methanol. Note
that the feed and the products of the first column all lie in region 1: The separation
performed in this column follows the rule of Doherty & Caldarola. As a conclusion,
their argumentation breaks down because of an incorrect analysis of homogeneous
azeotropic distillation columns composition profiles: Feed, distillate and bottoms can
lie in different distillation regions.

As a final note, we reworked the example presented in figures 6 and 7 of Doherty
& Caldarola. In their example, the separation of the ethanol - water azeotrope is at-
tempted using an unknown entrainer that forms a binary minimum boiling azeotrope
with water and that is lighter than ethanol (no other azeotrope). Because we have
no data for such an entrainer, we used the sec butanol (H) - water (I) - ethanol (L-E)
example. By comparing figure 7 of Doherty & Caldarola with figure 2.43, we see
that the residue curve diagrams are identical. Ethanol plays the role of the unknown
entrainer, sec butanol replaces ethanol, and water has the same role in both cases.
Doherty & Caldarola could not obtain the desired separation, mostly because they
tried to recover the heavy component, namely water, first. As figure 2.44, figure 2.45
and figure 2.46 show, separation is feasible in a two-column sequence if we recover
the intermediate component, i.e. sec butanol, first as a bottom product. The second
column separates water from the ethanol - water azeotrope. This azeotrope is recy-

cled and acts as entrainer. We attempted to reproduce this result with Aspen, but

?Like Van Dongen & Doherty (1985), we use the regular solution equation instead of the Wilson
equation for this mixture. We use the same representation convention.



Concentration  Entrainer feed  Azeotropicfeed DI 2 Bl 2 D2 = B2

Methyl acetate (L) 0.332 0.676 0.405 0.004 0.332 0.998
Methanol (I) 0.282 0.324 0.251 0.996 0.282 0.002
Hexane (H) 0.386 0.0 0.344 0.0 0.386 0.0

D2: Ternary azeotrope recycle

, D1
617.6 550
Hexane (H) makeup Y
3 - Tray #12 Tray #48
= 308.8 10000
550.0
100.0 ' -
- Tray #25
Azeotropic feed Tray #7
926.4 10550
l 32.4 l 67.6
o >
B1: Methanol (I) B2: Methyl acetate (L)

Fig. 2.39: The hexane - methanol - methyl acetate separation sequence
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Fig. 2.40: Hexane (1) - methanol (2) - methyl acetate (3)
extractive column composition profile

Hexane

20
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Fig. 2.41: Hexane (1) - methanol (2) - methyl acetate (3)
entrainer recovery column composition profile
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Hexane

l]ll!lgll‘QilJ‘llllLllllJ

Fig. 2.42: The composition profiles of the two hexane - methanol - methyl
acetate separation sequence columns lie in different distillation regions.

Region 3

0

Methyl acetate

Methanol
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could not make it converge.

The criterion of Doherty & Caldarola rejects many candidate entrainers that ac-
tually make separation feasible. For instance, it rejects all light boilers that introduce
no new azeotrope. In this situation, the two azeotropic components always he on
opposite sides of a residue curve boundary that runs from the entrainer corner to the
binary azeotrope. If this boundary were a straight line in the mathematical sense, it
could not be crossed, but physical systems always show some curvature, and this is
enough to make separation feasible. Separation may be easy even when the bound-
ary looks almost straight, as the ethanol (I) - water (H) - methanol (L-E) system

demonstrates (figure 2.47, figure 2.48 and figure 2.49).

Stichlmair, Fair and Bravo

Their criterion is directly based on the idea that, if the considered component does
not make separation feasible at infinite reflux, then it can be discarded. Their argu-

mentation unfolds in the following manner:

e They first define the “distillation lines” for a given ternary mixture. “The
distillation lines for a ternary mixture can be seen as representing possible
concentration profiles in a column when operation is at the total (or high) reflux
condition.” Note that the procedure they use to determine infinite reflux column
profiles can be found in Hoffman (1964). Distillation lines are very similar to
residue curves. Orientation aside, the only difference is that distillation lines
represent infinite reflux profiles of tray columns while residue curves represent

infinite reflux profiles of packed columns.

e When distilling a zeotropic multicomponent mixture, only the most volatile and

least volatile components can be recovered as pure products of a column. They

generalize this property to azeotropic mixtures in the following manner: “Only
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Ethanol Fig. 2.43: Ethanol - water - sec-butanol residue curve diagram

<
bo
|

Sec-butanol
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Entrainer feed  Azeotropic feed Distillate  Bottoms
0.0

Sec-butanol (I) . 0.4008 0.00024 0.99
Water (H) 0.0818 0.5992 0.13335 0.01
Ethanol (L) 0.9182 0.0 0.86641 0.00

Ethanol-water azeotrope recycle

10569.77
Tray #45 <—| <-J
3717.63
A 1000
Azeotropic feed N Tray #35
=
.:' 1000.0 Tray #25
Ethanol makeup : ay 4777 44
| 40.23 |
| -
Sec butanol (I) Water (H)

Fig. 2.44: The sec-butanol - water - ethanol separation sequence



Fig. 2.45: Sec-butanol (3) - water (2) - ethanol (1)

extractive column composition profile
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Fig. 2.46: Sec-butanol - water - ethanol residue curve diagram
and extractive column composition profile

Water

Sec-butanol
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Concentration  Entrainer feed Azeotropicfeed  Distillate  Bottoms

Ethanol (I) 0.0 0.9181 0.1158 0.01
Water (H) 0.0 0.0818 0.0005 0.99
Methanol (L) 1.0 0.0 0.8837 0.00

Methanol (L) recycle

792.13
Methanol makeup Y
-
Tray #70
936.36
700.0
100.0 < : |
Azeotropic feed Tray #20
1728.49
7.87
o >
Water (H) Ethanol (I)

Fig. 2.47: The ethanol - water - methanol separation sequence
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Fig. 2.48: Ethanol (1) - water (2) - methanol (3)
extractive column composition profile

Methanol

Ethanol

80
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Fig. 2.49: Ethanol - water - methanol residue curve diagram
and extractive column composition profile

Methanol 0




those constituents that are located at the end points of distillation lines can be

obtained in pure form.”

o Therefore, a candidate entrainer makes separation feasible only if the two
azeotropic constituents are end points of distillation in the ternary diagram
azeotropic components entrainer. Implicitly they assume that if separation is

not feasible at infinite reflux, then it is not feasible at finite reflux.

This argumentation i1s flawed because the generalization made in the second step is
incorrect. A component can be obtained in pure form even if distillation lines neither
start from it nor end at it. Figure 2.36 illustrates this point in the ethanol (L) -
water (I) - ethylene glycol (H-E) case. Ethanol is not a node of the distillation line
diagram, but a saddle. Although ethanol cannot be recovered at infinite reflux, it
can be recovered at finite reflux. Note that saddle components can sometimes be
recovered at infinite reflux. This point is demonstrated by figure 2.50, figure 2.51 and
figure 2.52 in the acetone (L) - heptane (H) - benzene (I-E) case. Although acetone is
again a saddle, it can be recovered as pure distillate of a column operating at infinite
reflux. As a conclusion, their argumentation breaks down because they incorrectly
generalized from the zeotropic case to the homogeneous azeotropic case and because
separations that are infeasible at infinite reflux may be feasible at finite reflux.
Another importﬁnt mistake in their paper is the fact that the material balance of
their three-column separation sequence cannot be closed, as communicated to us by
Doherty (1989). Using arguments similar to Doherty & Caldarola (1985, p. 479), we
see that closing the material balance around the first column requires that D3. Bl
and A (pure component a corner) are aligned (see figure 4 of Stichlmair et al.). This
is clearly not the case. However, separation is feasible in the situation they describe,
because the distillation boundary can be crossed (note that this distillation boundary
is essentially the same as in Doherty & Caldarola). A two-column separation se-

quence, rather than the incorrect three-column sequence, can perform the described
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Concentration Entrainer feed Azeotropic feed Distillate Bottoms
0.0

Acetone (L) . 0.9365 0.99 0.0003
Heptane (H) 0.0 0.0635 0.00 0.0602
Benzene (I) 1.0 0.0 0.01 0.9395

Benzene (1) recycle

Acetone (L)

_.>
I 94.57
Tray #63

302.13

Benzene makeup ' 100.0
g
Tray #30
-———-——»

100.0

Azeotropic feed Tray #8 396.70

e <-|
-
105.43 Heptane (H)

Fig. 2.50: The acetone - heptane - benzene separation sequence
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Fig. 2.51: Acetone (1) - heptane (2) - benzene (3)
extractive column composition profile

Benzene

-

Acetone

0
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Fig. 2.562: Acetone - heptane - benzene residue curve diagram
and extractive column composition profile

Acetone
1 -

0
Benzene 0 0.2 04 0.6 0.8 1




81

separation, as illustrated in figure 2.47 with the ethanol (I) - water (1) - methanol

(L-E) example.

2.2.4 Remarks on the thermodynamics

The qualitative results presented in this article do not depend on the specifics of
the thermodynamic relationships used. For instance, the feed and products of a
column can be on different sides of a distillation boundary, regardless of the mixture
of thermodynamics. However, the quantitative results shown here depend heavily
on these specifics: The position and curvature of distillation boundaries may change
significantly when we change the thermodynamic representation of the mixture. For
instance, using the Van Laar equation instead of the Wilson equation to describe
liquid activity coeflicients often increases residue curve boundary curvatures. We
have found that many separations used as examples here are easier (they require less
entrainer, less reflux and/or less trays) with the Van Laar equation than with the
Wilson equation. For instance, ethylene glycol (H-E) appears to be a much better
entrainer for the ethanol (L) - water (I) azeotrope if the Van Laar equation is used
(as Knapp & Doherty (1990) have done in the flowsheet that is to be patented)
rather than the Wilson equation. In some cases (such as ethyl ethanoate (I) - ethanol
(H) - methanol(L-E)), separation is feasible if we use the Van Laar equation but is
impossible with the Wilson equation.

Homogeneous azeotropic distillation is usually sensitive to thermodynamic data
inaccuracy, much more so than zeotropic distillation. Indeed, small deviations in
the binary interaction parameters used in activity coefficient calculations can lead to
dramatically different results. In practice, this makes homogeneous azeotropic distil-
lation column design very difficult: Because these parameters are usually obtained
by fitting vapor-liquid equilibrium data over the whole composition range, the error

margins obtained for these parameters are fairly large and designs may be uncertain.
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This point is illustrated by figure 2.53 and figure 2.54 with the ethyl ethanoate (L)
- methyl ethyl ketone (I) - toluene (H-E) mixture. We varied slightly the binary in-
teraction parameter of toluene and ethyl ethanoate ar_gg around its nominal value
0.758, keeping all other parameters constant. Figure 2.53 shows that varying ar_gg
from 0.758 to 0.68 or to 0.90 hardly changes the vapor-liquid equilibrium of ethyl
ethanoate and toluene; therefore, identifying accurately the value of this parameter
within the range 0.68 - 0.90 would be difficult experimentally. Yet the behavior of
the ethyl ethanoate - methyl ethyl ketone - toluene mixture depends heavily on the
precise value of this parameter. At the nominal value, toluene acts as entrainer for
the ethyl ethanoate - methyl ethyl ketone azeotrope, enabling the recovery of ethyl
ethanoate as pure top product of the extractive column. When we decrease ar_gp
below its nominal value, separation becomes increasingly easy, since 1t requires a
lower minimum reflux ratio for the same feed ratio (figure 2.54). When we increase
ar_gg above its nominal value, separation becomes more and more difficult, and 1s
impossible for the given feed ratio value when ar_gg is between 0.77 and 0.89. For
values above 0.89, separation becomes again increasingly easy with increasing values
of ar_gg, but the flowsheet must be modified: We now recover methyl ethyl ketone
in the distillate instead of ethyl ethanoate. Therefore, a small error in the evaluation
of the binary interaction parameter of ethyl ethanoate and toluene can lead to very

different separation sequences.
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Fig. 2.53: Binary x-y diagram of ethyl ethanoate and toluene
for varying Wilson parameters
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Fig. 2.54: Minimum reflux ratio for varying ethyl
ethanoate-toluene Wilson parameters.
The feed ratio is equal to 50.
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Chapter 3

Separability and Flowsheet Synthesis

3.1 Separability at infinite reflux

In the case of zeotropic distillation, infinite reflux implies maximum separation. By
examining the infinite reflux situation, we can derive useful information such as the
minimum number of trays required for a desired separation. The situation is different
in the case of homogeneous azeotropic distillation: Infinite reflux does not always
imply maximum separation. We cannot determine the minimum number of trays by
examining the infinite reflux case, because we can often obtain better separation at
finite reflux. In particular, separations that are infeasible at infinite reflux may be
feasible at finite reflux.

This does not take away all interest from the infinite reflux case. Several reasons
remain for investigating this case. Firstly, because the infinite reflux situation can be
approached only in the limit, separations that are feasible at infinite reflux are feasible
at high reflux, so separability at infinite reflux imphes separability at finite reflux.
Secondly, the infinite reflux situation has the advantage of simplicity: The distillation
column composition profiles can be easily deduced from the thermodynamic data
(Hoffrnan 1964, Van Dongen & Doherty 1985, Stichlmair et al. 1989) and infinite reflux

composition profiles depend neither on the number of feeds nor on their locations.
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3.1.1 Composition profile representation

We focus here on composition profiles of columns operated at infinite reflux. We limit
ourselves to columns separating ternary mixtures. Such profiles have been studied
extensively by Hoffman (1964), Van Dongen & Doherty (1985) and Stichlmair, Fair
& Bravo (1989). Chapters 5 and 6 of Hoffman’s book describe a graphical method for
obtaining these profiles, and its applications. The method is based on the fact that,
at total reflux, no product comes out of the column. Therefore, the composition of
the liquid that flows from a given tray to the tray below is equal to the composition
of the vapor that rises from the tray below to the considered tray. As shown by
Hoffman, infinite reflux composition profiles are described by a succession of tie lines.
Stichlmair et al. simplify this representation by removing the individual points; they
call the resulting curve a “distillation line.”

Van Dongen & Doherty (1985) discard the plate-to-plate difference equation ap-
proach and describe column sections by differential equations. They show that com-
position profiles obtained with these differential equations do not differ significantly
from composition profiles obtained with the usual difference equations. As we show
in appendix 2, the similarity between composition profiles obtained with difference
equations and with differential equations comes from the fact that differential equa-
tions represent the composition profiles of packed columns, while difference equations
represent the composition profiles of staged columns.

At infinite reflux, the differential equations that describe packed columns become
identical to the residue curve equations. Thus residue curves coincide exactly with
composition profiles of packed columns operated at total reflux, and they give a
very good approximation of composition profiles of tray columns at infinite reflux.
Because they are continuous (distillation lines are actually a set of discrete points),
better understood (cf. the series of articles published by Doherty & Perkins (1978a,

1978b, 1979) and Van Dongen & Doherty (1984)) and easier to compute, we use
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hereafter residue curves to describe infinite reflux composition profiles. The results
presented in this section apply only to packed columns per se; however, since there
is very little difference between tray and packed columns, they should also cover the

tray column case.

3.1.2 Possible separations within one column

Residue curves represent the composition profiles of packed columns at infinite reflux.
Therefore, two points D and B located in the composition triangle may represent
respectively the distillate and bottom of a packed column operated at total reflux
only if there exists a residue curve connecting D and B. Conversely, if such a residue
curve exists, it represents the profile of a packed column that gives D as distillate

and B as bottom product. So we obtain the following theorem:

Theorem 3.1 Two points D and B located in the composition triangle represent the
distillate and the bottom product respectively of a packed column operated at infinite

refluz if and only if there exisls a residue curve going from D to B.

At infinite reflux, the number of feeds and their locations have no influence on the
composition profile; only the overall feed composition is important. Because the

material balance must be closed, we obtain the following theorem:

Theorem 3.2 A feed F' can be separated in a packed column operated at infinite refluz
into a distillate D and a bottom B if and only if:

- D, Fand B are aligned and F is located between D and B.

- A residue curve goes from D to B.
A given feed can be separated in a large number of ways, as long as él}@y satisfy the two

conditions stated in theorem 3.2. The distillate and bottom compositions depend on

the column height and the distillate-to-bottom ratio. We can have multiple solutions
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cven for fixed D, B and h, because multiple steady states actually occur. Figure 3.1
and figure 3.4 illustrate this point: A column separating a mixture of acetone (L)
- heptane (H) - benzene (L-E) yields in the first case 99% acetone at the top and
95% heptane at the bottom (figure 3.2 and figure 3.3) while it performs very little
separation in the other case (figure 3.5 and figure 3.6). Note that distillate flow rate,
bottom flow rate, number of trays (and reflux: we cannot truly achieve infinite reflux
with Chemsim) are identical in both cases.

Because residue curves are constrained by residue curve boundaries, composition
profiles of packed columns operated at infinite reflux must be entirely contained within
one distillation region. This implies that distillate and bottom must lie in the same
distillation region. However, it does not imply that the feed must lie in the same -
distillation region as the composition profile. Indeed, the curvature of residue curve
boundaries, which are never straight lines in the mathematical sense, makes it possible
for the feed to lie in one distillation region while the distillate and bottom lie in another
region. Figure 2.39, figure 2.40 and figure 2.41 illustrate this fact in the methyl acetate
(L) - methanol (I) - hexane (H-E)! case: The feed of the second column lies in region
1 while its profile lies in region 2. This fact, which was overlooked by Doherty &
Caldarola (1985), explains why their criterion fails for infinite reflux separability.

Theorem 3.2 helps us solve the following question: Given a feed F', can we recover a
product P, not necessarily an essentially pure component, from it? We can determine

the answer to this question through the following procedure:
1. We first locate F' and P in the ternary diagram.

2. Because the material balance must be closed, the possible compositions of the

product obtained at the other end of the column must lie on the segment FQ).

!Like Van Dongen & Doherty, we use the regular solution equation instead of the Wilson equation
for this mixture.
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Concentration Entrainer feed Azeotropic feed Distillate Bottoms
Acetone (L) 0.0 0.90 0.99 0.0
Heptane (H) 0.0 0.10 0.0043 0.9513
Benzene (I) 1.0 0.0 0.0057 0.0487
Benzene (I) recycle
Acetone (L)
-
90.909091
Tray #54 -
8000.0 il
Azeotropic feed Pa 100.0
C -
Tray #46
-}
Benzene makeup ¢ ::SSV
Tray #26 | 8090.909091
-
10.10101 Heptane (H)

Fig. 3.1: The acetone - heptane - benzene separation sequence.
g

First steady-state.
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Fig. 3.2: Acetone (1) - heptane (2) - benzene (3)
extractive column composition profile.
First steady-state.
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Fig. 3.3: Acetone - heptane - benzene residue curve diagram
and extractive column composition profile.

First steady-state.

Acetone

Benzene

16
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Acetone (L) 0.90 0.9317 0.5247
Heptane (H) o.o 0.10 0.0683 0.3753
Benzene (I) 1.0 0.0 0.0 0.1000

Benzene (I) recycle

Acetone (L)
S
90.909091
Tray #54
~ 8000.0
> Azeotropic feed A 1000
C -
Tray #46
i
Benzene makeup Y 1010101
Tray #26 | $090.909091

i‘
10.10101 Heptane (H)

Fig. 3.4: The acetone - heptane - benzene separation sequence.
Second steady-state.
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0.4

0.2

Fig. 3.5: Acetone (1) - heptane (2) - benzene (3)
extractive column composition profile.
Second steady-state.
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Fig. 3.7: Separation is feasible

3. Then we examine whether the residue curve that contains P intersects F'¢) or
not. If so, separation is feasible (figure 3.7); if not, separation is infeasible

(figure 3.8).

A more common and more important question is: Given a feed F', can we recover
component A from F with a certain purity (for instance, 99% A)? In this case, the
desired product can be anywhere within a region. Specifying a minimum purity
on component A requires that the corresponding product must lie inside triangle
T (figure 3.9 and figure 3.10). In this case, separation is feasible if and only if at
least one residue curve that goes through 7 intersects the triangle FFQR (figure 3.9).
Figure 3.10 shows a situation where separation is infeasible, because a residue curve
boundary stands between FQR and 7. In theory, checking whether separation is
feasible or not would require the examination of every curve that goes through 7. In
practice, because residue curves are well-behaved curves except around residue curve

boundaries, we need to check only a few curves.
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Fig. 3.8: Separation is infeasible

A Fig. 3.9: Separation is feasible
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A Fig. 3.10: Separation is infeasible

E Boundary R Q B

By applying this procedure to the acetone - heptane - benzene case (figure 3.1,
figure 3.2 and figure 3.3), we see that acetone can be recovered as distillate of a
packed column operated at infinite reflux. Thus components may be recovered as
pure products even when they are saddles in the residue curve diagram. This fact,
which was overlooked by Stichlmair et al., explains why their criterion does not predict

infinite reflux separability correctly.

3.1.3 Separating a binary azeotrope with one column

It is widely accepted that the separation of a binary azeotrope into two essentially pure
components requires at least two separating units, such as two distillation columns
or a distillation column and a flash drum (if two components can be very easily
separated). For example, Douglas (1989) writes that “splitting (an) azeotrope nor-
mally requires two columns.” Shinskey (1984) also writes that “t0 separate a binary

azeotrope requires two columns.”

This generalization is incorrect: Sometimes, we can separate a binary azeotrope
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into two pure products with only one column.

Theorem 3.3 Given a binary azeotrope A-B which we want to separate into products
of given purities, a candidate entrainer E makes this separation feasible with one
packed column operated at infinite refluz if and only if one residue curve connects Ty

and Tg.

Here, T4 and 7g denote the areas that correspond to the specifications on A and B
respectively.

Necessity is obvious: If separation is feasible with only one column, one of its
products satisfies the specifications on A and is therefore located in T4 while the
other product satisfies the specifications on B and lies in 7g. So the column profile.
which coincides with a residue curve, connects 74 and 7g. Reciprocally, let T be the
residue curve that joins 74 and 7p (figure 3.11), and let P4 (FPp respectively) be a
point of I' in ’j'A (7 resp.). By construction, P4 Pp intersects EF4p (where Fyp is the
azeotropic feed); let F' be the intersection point. By mixing E and Fy4p in adequate
proportions, we obtain the overall feed F'. Because P4, F' and Pp are aligned and
because P4 and Ppg are connected by I', we can apply theorem 3.2: There exists a
packed column separating F' into P4 and Pg.

This surprising result is illustrated by figure 3.12 and figure 3.13 in the acetone
- heptane - benzene case. The specifications are 99% acetone and 99% heptane;
if we add less than one part of benzene for a hundred parts of azeotrope, we can
separate the acetone - heptane azeotrope with only one column. Such a separation
scheme has the obvious advantage of eliminating the entrainer recovery column and
the entrainer recycle, enabling us to reduce significantly the diameter of the extractive
column. Another advantage is the small amount of entrainer required to achieve the
separation; the higher the product specifications, the smaller this amount. However,
there are some obvious drawbacks: This column must be large, because its profile

follows a residue curve that comes close to a saddle (benzene) and shows significant
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Fig. 3.11: Separation is feasible with only one column.

curvature. And the higher the product specifications are, the larger the column must
be. Also, the fact that the entrainer goes through only one pass can be costly if the
entrainer is expensive. Whether this scheme is economically attractive or not depends
on the specifics of the problem. Nevertheless, it represents a new separation method

that may be of interest in some cases and should therefore be considered.

3.1.4 Separating a binary azeotrope with two columns

Most homogeneous azeotropic distillation sequences use at least two columns to per-
form the separation. In this section, we examine the following question: Given a

binary azeotrope A-B which we want to separate into products of given purities, un-
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Concentration = Entrainer feed  Azeotropic feed  Distillate  Bottoms
Acetone (L) 0.0 0.90 0.99 0.0
Heptane (H) 0.0 0.10 0.0005 0.9964
Benzene (1) 1.0 0.0 0.0095 0.0036

Acetone (L) -
Benzene (I) 90.909091
0.9
Tray #70
8000.0
100.0 Y -
Azeotropic feed Tray #37
8090.909091
9.990909
-
Heptane (H)

Fig. 3.12: The acetone - heptane - benzene one-column separation sequence



3.13: Acetone (1) - heptane (2) - benzene (3)
distillation column composition profile
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der which conditions does a candidate entrainer E make this separation fea.sjble m a
two-column separation sequence?

The specifications on each product translate into two regions 74 and 7g. To be
successful, a separation sequence must yield two products which are located inside 7,4
and Tp (see figure 3.14). Now, let R be the recycle composition, and let us assume
that we want to recover A first. Then the separation sequence must operate in the
following manner: The first column separates the combined feed F (which is the sum
of the recycle R and of the azeotropic feed Fjp) into a product P4 located in 74 and
a product P. P is then fed to the second column, which separates it into i and a
product Pg located in Tg. Again, we assume that both columns are at total reflux. If
this separation scheme works, then there exists at least one residue curve connecting
R and a point of 7p, because this residue curve represents the composition profile of
the entrainer recovery column. Also, P must be connected to a point of 74 (here,
P4) by a residue curve. We obtain therefore the necessary conditions for separability

in a two-column sequence (figure 3.15):
o At least one residue curve I' connects R to a point of 7 (here, Pg).

e Let I'g be the part of I' contained in 75 and S the convex hull of the set

formed by I'g and R. Then, at least one residue curve connects one point of

S\({R}U7g) (here, P) and a point of 74 (here, P4).

These conditions are also sufficient: If a residue curve I' connects X to a pomnt Pg
of 7, these two points can be obtained as products of a packed column operated
at infinite reflux, and I" represents its composition profile. So the entrainer recovery
column can perform its duty. By definition of a convex hull, S\({R}U7g) contains
all the points that can be separated into R and a point Pg of ['g. So if a residue
curve connects one point P of S\({R}J7p) and one point P4 of 74, a packed col-

umn operated at infinite reflux can yield them as products. Therefore, the extractive
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Fig. 3.14: The two-column separation sequence

>

column can perform its duty. Note that R is excluded because it cannot be separated
in the second column into R and something else, while 7p is excluded because sepa-
ration would be feasible with only one column otherwise. P is then fed to the second
column, which we have already examined. Finally, we see that by construction (see
figure 3.15) the material balance line of the extractive column intersects RFsp (the
line connecting the recycle to the azeotropic feed), so we can obtain the proper overall
feed F' by mixing adequate amounts of R and Fiyp. As a conclusion, we see that if the
two aforementioned conditions are satisfied, separation is feasible with a two-column

sequence. These results are summarized in the following theorem:

Theorem 3.4 Given a binary azeotrope A-B which we want to separate into products
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Fig. 3.15: Separation is feasible with two columns

of given purities, a candidate entrainer E makes separation feasible in a sequence of

two packed columns operated at total reflur where A is recovered first if and only if:

- At least one residue curve connects the chosen recycle composition R and Tp.

- At least one residue curve connects Ty and S\({R} U 75).

In practice, checking this condition is rather cumbersome, because the set S depends
on the residue curve chosen during the first step. Because I'p 1s included in 7p
(by definition), we obtain a much more convenient condition by considering Yp,

the convex hull of the set formed by 75 and R, instead of 5. Indeed, X5 no loi‘zgcr

depends on I'g, so the resulting condition is quickly checked. Replacing S by T gives
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us a condition that is no longer sufficient, however, because the point P of £ cannot
always be separated into R and a point Pg located on a residue curve connected to R.
Figure 3.16 illustrates this point with a mixture of the 401 type (using the graphical
classification of Doherty & Caldarola (1985)). If we try to recycle essentially puré
entrainer, we see that the extractive column can separate the combined feed [ into
a product P4 and a product P. P does belong to X (the finely hatched arca), but
not to S (here, S is essentially the BE edge): P cannot be separated into a product

Pg contained in 7p and R. A necessary condition for separability is:

Theorem 3.5 A candidate entrainer E can make the desired separalion feasible only

if:
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- At least one residue curve connects the chosen recycle R and Tp.

- At least one residue curve connects Ty and Sp\({R}U7Tg).

Note: Because residue curves are well-behaved curves, a whole set of residue curves
satisfies either of these conditions if one residue curve satisfy it. These two theorems

enable us to screen potential entrainers through the following procedure:
o Step 1: Pick a candidate entrainer.

o Step 2: Draw the corresponding residue curve diagram using accurate thermo-

dynamic data.

o Step 3: Draw the areas corresponding to the desired specifications. These areas

are usually triangles. We will refer to them as 74 and 7p.
e Step 4: Pick the recycle composition. Candidate recycle compositions are:

- The entrainer.

- A binary azeotrope between the entrainer and one of the azeotropic com-

ponents.

- A ternary azeotrope.

Note that the recycle composition need not be any of these points. For instance,
in the acetone - heptane - benzene case, the recycle can contain significant
fractions of either acetone or heptane. As we will later see in the case studies.
the analysis of the points just mentioned (pure entrainer, binary azeotropes.
ternary azeotrope) indicates what the recycle composition can be when it can
differ from all of them. According to our experience, checking these points 1s
enough: When separation is not feasible with any of these points, we have found
that it is not feasible with any other point of the composition space. Thus we

only have to check a very small number of points.
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e Step 5: Examine whether the recycle is connected by residue curves to at least
one azeotropic component, i.e. whether at least one residue curve joins K to a
point of 7g. If not, then we can discard this recycle composition and try another

one; if all special points (pure entrainer and azeotropes) have been examined.

then we can discard this candidate entrainer.

o Step 6: If the recycle is connected by residue curves to only one azeotropic con-
stituent (say B), then this component must be recovered in the second column.
Because the conditions of theorem 3.5 are more readily checked, we first exam-
ine if they are satisfied. At this point, we know that R and 75 are connected, so
we check if 74 and ¥p\({R}UTg) are connected. If not, then we can discard
this recycle composition and go back to step 4. If so, then we check if the second
condition of theorem 3.4 is satisfied. If so, separation is feasible. If not. then
we can discard this recycle composition and go back to step 4. Note that if /2 1s
connected by residue curves to both 7g and 74, then we must go through this

step twice, once for each component.

Despite its apparent complexity, this screening procedure becomes fairly easy to use
with a bit of experience. The major advantage of this method is that it indicates
all possible separations, including some unusual feasible separation sequences, as the

following case studies demonstrate.

3.1.5 Case studies

The 020 case

The 020 case (using the classification of Doherty & Caldarola (1985)) 1s obtained
when the candidate entrainer has a lower boiling point than the azeotrope we want to
separate and when it introduces no new azeotrope. The ethanol - water - methanol

mixture is an example of this situation: Figure 3.17 shows that all residue curves
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start from the methanol corner and end either at the ethanol apex or the water
apex; a residue curve boundary runs from the entrainer (methanol) to the minimum
boiling azeotrope (of ethanol and water). Boundaries are never straight lines in the
mathematical sense. In the 020 case, we have observed that they tend to bend always
in the same direction, i.e. they do not contain inflexion points. Therefore, we have
two possibilities, depicted in figure 3.18 and figure 3.19. We examine here the first
case (represented in figure 3.18) according to the procedure described earlier; the

analysis of the other case is exactly identical once we have reversed the roles of A and

B:
e Step 1: The candidate entrainer has been chosen.

e Step 2: We plot the residue curve diagram of the ternary mixture (figure 3.20).

e Step 3: The acceptable product regions are added to the residue curve diagram

(figure 3.21).

o Step 4: Because the entrainer introduces neither binary nor ternary azeotropes,

the recycle composition choice is clear: We should recycle the entrainer.

e Step 5: Since all residue curves start from the entrainer corner and end at pure

components (A or B), the recycle is connected to both azeotropic components.

e Step 6: Since R is connected to both A and B, we must consider the recovery

of both components from the second column:

- B: We draw ¥p in the residue curve diagram (figure 3.22). We immediately
see that the residue curves that go through 74 reach ¥ g only at point R
(here, the entrainer). Therefore, we cannot meet the second condition of

theorem 3.5, and separation is infeasible this way.
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Fig. 3.17: Ethanol - water - methanol residue curve diagram
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Fig. 3.18: B is located on the convex side
of the residue curve boundary

Binary azeotrope

Residue
curve
boundary

Fig. 3.19: A is located on the convex side
of the residue curve boundary

Binary azeotrope

Residue
curve
boundary
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Fig. 3.20: Typical 020 residue curve diagram

Binary azeotrope

Fig. 3.21: Specification areas are added
to the residue curve diagram

i

Binary azeotrope




Fig. 3.22: Separation is impossible

Binary azeotrope

- A: We draw ¥4 in the residue curve diagram. In this case, because the

residue curve boundary bends towards ¥4, two situations are possible:

- The residue curve boundary does not intersect £, (figure 3.23). Sep-
aration is then infeasible this way. This candidate entrainer does not

make separation feasible at infinite reflux.

- The residue curve boundary intersects ¥4 (figure 3.24). All residue
curves in region 1 end at B, so the residue curves that go through the
intersection of £ 4 and region 2 also cross 7g. The necessary conditions
of theorem 3.5 are therefore satisfied. By considering residue curves in
region 1 that come close to the boundary, we see that every point in

(¥ 4N region 2) can be separated into R and a point of T4 (figure 3.24).
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A Fig. 3.23: Separation is impossible

Binary azeotrope

Therefore, separation is feasible in this case, and the feasible separation
sequence is depicted on figure 3.25. Note that separation is always

feasible if the residue curve boundary is tangent to EA.

This analysis indicates that the recycle does not have to be pure to make separation
feasible. Indeed, separation remains feasible as long as the the recycle composition lies

in the hatched area of figure 3.26. This area is determined in the {ollowing manner:

- The recycle cannot lie in region 2, because points of region 2 are not connected
to A. Recycles located in region 2 cannot be obtained as distillates of the second

column.

- If the recycle point lies above the line joining the binary azeotrope to the inter-
section P of the residue curve boundary with ¥4, separation becomes infeasible
because we cannot avoid carrying too much B into the extractive column bottom

product, which in turn prevents the second column from meeting its specifica-
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A Fig. 3.24: Separation is feasible

Binary azeotrope
Region 1

tions.

Thus, we obtain a different situation from the one reported by Knight & Doherty
(1989) in the ethanol - water - ethylene glycol case. In that case, the impurities
contained in the recycle prevent the first column from meeting its specification. Here,
separation fails because the second column cannot perform its assigned task.

If we apply this analysis to the ethanol (I) - water (H) - methanol (L-E) example,
we see that methanol does not enable the separation of the ethanol - water azeotrope
at infinite reflux. Indeed, figure 3.27 shows that the residue curve boundary does not

intersect Xg.

The 222-m case

This situation takes place when the candidate entrainer forms minimum boiling

azeotropes with both azeotropic constituents and introduces a minimum boiling
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Fig. 3.25: The separation sequence obtained when separation is feasible with a light entrainer

Entrainer recycle
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A/E

Azeotropic feed
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Fig. 3.26: Possible recycle compositions

Binary azeotrope

ternary azeotrope. The hexane - methanol - methyl acetate mixture (we use again the
regular solution equation) is a typical example of this situation (figure 3.28). Since
there are three binary azeotropes, we can look at this mixture from three different

points of view:
o We can use hexane as entrainer for the methanol - methyl acetate azeotrope.
o We can use methanol as entrainer for the hexane - methyl acetate azeotrope.

o We can use methyl acetate as entrainer for the hexane - methanol azeotrope.
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Methanol

Ethanol

Fig. 3.27: Separation is infeasible in the ethanol - water - methanol case
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We will look here at the first two cases only; the third case can be examined in a

completely similar fashion. Let us apply the screening procedure to the case where

hexane 1s used as entrainer for the methanol - methyl acetate azeotrope:

Step 1: The candidate entrainer has been chosen.
Step 2: The residue curve diagram is plotted on figure 3.28.

Step 3: The acceptable product regions, Tps and Tps4, are added to the residue

curve diagram (figure 3.29).

Step 4: There are here four possible recycle compositions: Pure hexane. hexane

- methanol azeotrope, hexane - methyl acetate azeotrope and ternary azeotrope.

Step 5: At this point, we can eliminate pure hexane as recycle, because it is
connected by residue curves neither to methanol nor to methyl acetate. The
hexane - methanol azeotrope is connected only to methanol while the hexane

- methyl acetate azeotrope is connected only to methyl acetate. The ternary

azeotrope is connected to both methanol and methyl acetate.

Step 6: The hexane - methanol azeotrope is connected only to methanol. so
methanol must be recovered in the entrainer recovery column. Figure 3.30 shows
the corresponding s region. Since the residue curves that go through 7y, are
limited to region 2, they cannot reach ¥;. Therefore, the hexane - methanol
azeotrope cannot be used as recycle. The same arguments, where methanol and

methyl acetate are exchanged, hold for the hexane - methyl acetate azeotrope.

The ternary azeotrope is connected to both azeotropic components. so we can
try indifferently to remove methanol or methyl acetate in the second column.
If we try to remove methanol in the entrainer recovery column, we see that

Yar 1s entirely contained in region 1. Since residue curves that go through 74

are limited to region 2, this separation is impossible (figure 3.31). However.
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when we try to recover methyl acetate in the second column, we see that Y4
intersects region 1 (figure 3.32). Because all residue curves in region 1 reach Ty
eventually, the second condition of theorem 3.4 is also satisfied, and separation

is feasible.

We see that hexane makes the separation of the methyl acetate - methanol azeotrope
feasible. The corresponding separation sequence is depicted by figure 3.33. Fig-
ure 3.34, figure 3.35 and figure 3.36 show the composition profiles of the two columns.

Let us now examine the case where we try to use methanol as entrainer for the

hexane - methyl acetate azeotrope. Following the same procedure, we obtain:

e Step 1: The candidate entrainer has been chosen.

o Step 2: The residue curve diagram is unchanged.

e Step 3: The acceptable product regions are added to the residue curve diagram

(figure 3.37).

o Step 4: Again, there are four possible recycle compositions: Pure methanol,

methanol - hexane azeotrope, methanol - methyl acetate azeotrope and ternary

azeotrope.

e Step 5: Pure methanol cannot be used as recycle because it is not connected
by residue curves to either azeotropic components. The methanol - hexane
azeotrope is connected only to hexane, while the methanol - methyl acetate
azeotrope is connected only to methyl acetate. The ternary azeotrope i1s con-

nected to both hexane and methyl acetate.

e Step 6: The methanol - hexane azeotrope cannot be used as recycle because the
extractive column cannot yield a product that contains only a small fraction of
methyl acetate. For a similar reason, the methanol - methyl acetate azeotrope

cannot be used as recycle. If we use the ternary azeotrope as recycle and try



We cannot recover methanol second

Fig. 3.31
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Fig. 3.32: Separation is feasible if we recover methyl acetate second

_Hexane
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Concentration  Entrainer feed — Azeotropic feed D1 B1 D2 B2
Methyl acetate (L) 0.676 0.405 0.004 0.332 0.998
Methanol (I) 0.324 0.251 0.996 0.282 0.002
Hexane (H) 0.0 0.344 0.0 0.386 0.0
D2: Ternary azeotrope recycle
D1
617.6 550
Hexane (H) makeup Y
-
Tray #12 Tray #48
308.8 10000
550
100.0
' Tray #25
Azeotropic feed Tray #7
926.4 10550

| 32.4

-
B1: Methanol (I)

I 67.6

-
B2: Methyl acetate (L)

Fig. 3.33: T'he methanol - methyl acetate - hexane separation sequence



9

Fig. 3.34: Hexane (1) - methanol (2) - methyl acetate (3)
extractive column composition profile
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Fig. 3.35: Hexane (1) - methanol (2) - methyl acetate (3)
entrainer recovery column composition profile
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Hexane

Fig. 3.36: Hexane - methanol - methyl acetate residue curve diagram
and column composition profiles

r—— W.H. y Methanol
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to recover hexane in the second column, we see that the corresponding set Yy
does not cross the residue curve boundary that separates region 3 and region
2, so we cannot achieve separation this way (figure 3.38). We obtain the same

result if we try to recover methyl acetate in the entrainer recovery column.
In summary:

- Because of the high curvature of the boundary joining the methanol - methyl
acetate azeotrope to the ternary azeotrope, we can use hexane as entrainer for

the methanol - methyl acetate azeotrope if we recycle the ternary azeotrope.

- Because the boundary joining the hexane - methyl acetate azeotrope to the
ternary azeotrope is too close to a straight line, we cannot use methanol as

entrainer to separate the hexane - methyl acetate azeotrope.

3.1.6 Separation flowsheet

The screening procedure described previously has one important additional benefit:
We immediately know the qualitative flowsheet of each feasible separation sequence.
Indeed, we first determine during this procedure the recycle composition and the
component removal order. We can also determine for both columns an approximate
composition for each product from the residue curve orientations, because residue
curves go from the distillate to the bottom. Finally, we can determine a range of
feasible feed ratios (entrainer feed to azeotropic feed flow rate) from the mass balance
of the extractive column; for instance, in the 020 example shown in figure 3.39, we
see that the feed ratio must be above E}%%E for separation to be feasible.

Note that the resulting flowsheet may be sometimes surprising. There are many
cases where the only feasible separation sequence first yields the intermediate compo-

nent as-pure product. This screening procedure predicts such situations and provides

an explanation for the unusual behavior of homogeneous azeotropic distillation de-
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Fig. 3.39: Separation is infeasible if the feed ratio is below .I:.P.:.“;.B
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scribed in chapter 2.

This insight is very useful at the next stage, i.e. the design of the separation
sequence. Indeed, even when the existing screening criteria correctly predict sepa-
rability, they do not indicate how this separation should be performed. Note. for
example, that the separation sequence proposed by Stichlmair et al. (1989) does
not work because its mass balance cannot be closed (chapter 2) Thus we have to
search by trial and error for the component removal order. Therefore, knowing the

approximate compositions and flow rates of the various streams before starting the
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separation sequence design is most beneficial. This is particularly true when we deal
with complex mixtures such as hexane - methanol - methyl acetate or when we need

good initial estimates to obtain convergence (as is usually the case with commercial

simulators).

3.1.7 Separating a binary azeotrope with three columns

Often, the crude feed is brought to the azeotropic composition by a preconcentrator
(Knight & Doherty 1988, Knapp & Doherty 1990). Thus, the complete separation
sequence actually contains three columns. In this section, we show that separation is
very often feasible in a three-column sequence, even when it is impossible with just

two columns. More precisely:

Theorem 3.6 We can separate a minimum-boiling binary azeotrope A-B into two
products of any given purity in a separation sequence of three packed columns operated

at infinite reflux using E as entrainer if:

- A and B are located in adjacent distillation regions.

- The residue curve boundaries separating these two regions does not contain any

inflezion point and is oriented towards the A-B azeotrope.

These two conditions are sufficient, but they are by no means necessary: For instance,
we can use three columns to separate the acetone - heptane azeotrope using benzene as
entrainer; yet in this case acetone and heptane belong to the same distillation region.
In practice, we have found that these conditions are very often satisfied. For example,
they are satisfied for almost light entrainers that do not add azeotropes. because, in
that case, the two azeotropic components are in adjacent distillation regions, the
boundary is oriented towards the binary azeotrope and almost never contains any
inflexion point. A survey of more than 250 mixtures has shown that about 140 of

them satisfy these assumptions.
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Fig. 3.40: First column profile and material balance

The proof of this theorem is graphical and can be seen on figure 3.40, figure 3.41
and figure 3.42. Let I' be the boundary separating the two distillation regions that
contain A and B. I" must start or end at the azeotrope formed by A and B while
its other extremity can be a ternary azeotrope of A, B and E, a binary azeotrope of
either A and E or B and E, or the entrainer E. We denote this point by R. Because
I' does not contain any inflexion point, its curvature is always in the same direction;
let us assume that A is on the convex side of I'. Then separation can be done in the

following manner (figure 3.43):

- The first column is fed with the binary A-B azeotrope and R. We can recover

some A as bottom product (located within 74 ) while the top product is located
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Fig. 3.41: Second column profile and material balance

very close to I', between the A-B azeotrope and R. A residue curve does connect
these two points: It runs from the distillate along I' to the A-B azeotrope, then

along the A-B edge to 7, (figure 3.40).

The second column is fed with the distillate of the first column. Because of
the curvature of [, we can recover R as top product while the bottom product
is located very close to the A-B edge, between B and the A-B azeotrope. This
separation is feasible because a residue curve runs from R to the distillate: It
starts from K, follows I' up to the A-B azeotrope, then follows the A-B edge up
to the distillate. We cross I' within this column, not by recycle but because of

its curvature (figure 3.41).
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Fig. 3.42: Third column profile and material balance

D3
'/ \.B2

- The third column performs essentially a binary separation between A and B,
because its feed contains very little E. Its bottom product lies within 7g, while

its top product is the A-B azeotrope (figure 3.42).

Depending on its composition, the crude A-B feed is introduced either in the first
column or in the third column. If it contains more B than the A-B azeotrope, then it
should be fed to the third column, while it should be introduced in the first column if
1t contains more A than the A-B azeotrope. Therefore, no preconcentrator is required.

These separation sequences would seem less attractive economiéa.llv\«‘., because there
is one more column and more recycle. However, we must keep in mind that the fresh

feed 1s often brought to the azeotropic composition by a preconcentrator (Knight
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Entrainer
makeup
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Fig. 3.43: The three-column separation sequence

D3: A - B azeotrope recycle

D2: Ternary azeotrope recycle

D1

D2

D3

<'

Azeotropic feed

B1: A

B2

B3: B
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& Doherty 1988, Knapp & Doherty 1990). Because either the first or the third
column acts as preconcentrator, only the azeotrope material recycle is added to the
standard two-column sequence with preconcentrator. Obviously, whether this scheme
1s economically viable or not depends on the specifics of the problem. In particular,
this scheme becomes all the more attractive as I' displays more curvature. Indeed,
the higher the curvature, the more A and B we can recover per pass and the less A-B
azeotrope we have to recycle. Obviously, if its curvature is high enough, then we can
achieve separation with only two columns.

This separation technique is illustrated by figure 3.44 to figure 3.46 in the methy]
acetate (L) - methanol (I-E) - hexane (H) case. We have already shown that methanol
does not make feasible the separation of the hexane - methyl acetate azeotrope in a
two-column sequence. However, separation is feasible in a three-column sequence.
The first column splits the overall feed (binary azeotrope and ternary azeotrope) into
pure hexane and a product D;. The second column then separates D; into the ternary
azeotrope, which is recycled, and a product D;. Note that, because D, contains very
little methanol, we separate it in a binary column that produces the hexane - methyl
acetate azeotrope and pure methyl acetate. The fresh hexane - methyl acetate feed
would be introduced in the third column if it were richer in methyl acetate than the
hexane - methyl acetate azeotrope, and in the first column if it were richer in hexane
than the azeotrope. The distillation boundary is not crossed by recycle, but because
of its curvature: The feed of the second column (here, D,) lies in one distillation

region while its composition profile is contained in another region.

3.1.8  Separability and residue curve diagram classes

Residue curve diagrams and boundaries represent an essential tool in this study, but
residue curve diagram classes, as defined by Doherty & Caldarola (1985), do not con-

tain the information necessary to determine separability. Separability often depends
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0 T

Methyl acetate (L)
Methanol (I)
Hexane (H)

Azeotropic feed

0.33 0.607
0.282 0.0
0.386 0.393

0.332  0.660 0.606 0.99

0.0 0282 0.002 0.002 0.00

D1 Bl
0.435 0.01
0.194
0.371 0.99

D3: Hexane - methyl acetate azeotrope recycle

0.386 0.338  0.392 0.01

| =

D2: Ternary azeotrope recycle

D1 D2 D3
Methanol (I) 200.0 78.88
makeup |
—————-1
Tray #48 Tray #48
1000.0 1000.0
21.12 < 91.75
. e
Azeotropic feed Tray #25 291.75 | Tray #25
1291.75 1200.0
8.25 12.87
gt Lol
B1: Hexane (H) B2 B3: Methyl acetate (L)

Fig. 3.44:

The methyl acetate - hexane - methanol three-column separation sequence
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Fig. 3.45: Methanol (1) - methyl acetate (2) - hexane (3)
first column composition profile
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Fig. 3.46: Methanol (1) - methyl acetate (2) - hexane (3)
second column compeosition profile
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Fig. 3.47: Hexane - methanol - methyl acetate residue curve diagram
and first column composition profile
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on the exact location of residue curve boundaries. When separation is feasible, the
number of columns required to perform this separation often depends on the cui-
vature of a given boundary, as we have shown in the hexane - methanol - methyl
acetate case. In the same manner, drawing a sketch of the residue curve diagram
with straight residue curve boundaries does not give enough information. In the 020
case, separation will always be considered impossible if the residue curve boundary
is represented by a straight line in the mathematical sense. Obtaining accurate ther-
modynamic data and, in particular, knowing the precise position and shape of the
residue curve boundaries is essential for correct separability prediction and flowsheet

synthesis.

3.1.9 Summary

In this section, we have established the following points:

e Separating a feed F into a distillate D and a bottom B in a packed column
operated at infinite reflux is possible if and only if D, F and B are aligned and

a residue curve connects D to B.

e We have found that the separation of a binary azeotrope into two pure products
1s sometimes possible with only one column, and we have given a necessary and

sufficient condition for separability with only one column.

o Through a new screening procedure, we can determine whether a candidate
entrainer makes the desired separation feasible in a sequence of two packed
columns operated at infinite reflux. This procedure is illustrated with a couple
of case studies. In particular, we obtain an unusual separation sequence in the
case of the hexane - methanol - methyl acetate mixture, since we use a ternary

azeotrope to break a binary azeotrope.
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o This screening procedure can be generalized to sequences with more than two

columns. We show that separation is always feasible in a three-column sequence

if:

- The two azeotropic components are located in adjacent distillation regions.

- The boundary separating these regions does not contain any inflexion point

and ends at the binary azeotrope we want to separate.

For instance, we showed that methanol cannot act as entrainer for the hexane -
methyl acetate azeotrope if we use only two columns, but makes this separation

feasible in a three-column sequence.

o These conditions simplify the separation sequence design by indicating the flow-
sheet of the feasible separation sequence(s) and the approximate stream flow

rates and compositions.

¢ Mixtures within the same residue curve class can give different separability
results: Some might be separable while others might not. In many cases, we
cannot pass a judgement on separability if we only know the residue curve
diagram class; we need the exact position of the residue curve boundaries in

order to determine separability correctly.

3.2 Separability in practice
Two considerations make judgements on separability quite complicated in practice:

- Firstly, distillation columns are operated at finite reflux. Because separability
at infinite reflux implies separability at finite reflux, the entrainers selected by
the method described in the previous section should be considered in practice.

But we cannot reject the components that do not make separation feasible at
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infinite reflux. We show here two situations where separation is feasible at finite

reflux but not at infinite reflux.

- Secondly, the determination of separability at infinite reflux requires the knowl-
edge of the exact location of residue curve boundaries. Therefore, we need an

accurate description of the vapor-liquid equilibrium data of the ternary mixture.

3.2.1 Separability and distillation boundary curvature

We have seen in the previous section that separability at infinite reflux often results
from the curvature of residue curve boundaries. For instance, we can use hexane as
entrainer for the methanol - methyl acetate azeotrope because the boundary joining
the ternary azeotrope and the methanol - methyl acetate azeotrope bends significantly.
Also, separation is feasible with two columns operated at infinite reflux in the 020
case if and only if the residue curve boundary is sufficiently curved to intersect £ 4 or
Y.

These boundaries are exact boundaries only for columns operated at infinite re-
flux. At finite reflux, composition profiles can cross distillation boundaries, as several
separation sequences shown in chapter 2 bear witness. Because separation at finite
reflux depends on whether there is one single feed or several separate feeds, and on
their relative locations when there are more than one (chapter 2}, the notion of fi-
nite reflux boundaries is not uniquely defined. By examining single feed columns
only, Van Dongen (1982) has derived a procedure that estimates the location of these
boundaries. Our observations in the double feed case agree with the conclusions of
Van Dongen & Doherty (1985) for single feed columns: Regardless of how we define
them, finite reflux boundaries always display higher curvatures than infinite reflux
boundaries. In other words, we can achieve more separation at finite reflux than
at infinite reflux. Therefore, separations that are impossible at infinite reflux may

be feasible at finite reflux, because the infinite reflux boundaries are not sufficiently
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curved while the finite reflux boundaries are. Figure 3.49, figure 3.50 and figure 3.51
illustrate this fact in the ethanol (I) - water (H) - methanol (L-E) case: Although
the distillation boundary curvature prevents separation from being feasible at infinite
reﬂurx in a two-column sequence, separation is feasible at finite reflux with only two
columns. Note that the ethanol - water - methanol residue curve diagram belongs to
the 020 class. In practice, we have found that light entrainers that introduce no new

azeotrope almost always make separation feasible in a two-column sequence.

3.2.2 Heavy entrainers

There 1s another situation where separation is infeasible at infinite reflux but feasible
at finite reflux, namely the 100 case, which is most common in industry. We obtain
a residue curve diagram that belongs to this class when we use as entrainer a heavy
component that adds no azeotrope. Because Andersen et al. (1990) have extensively
studied the 100 case at finite reflux, we use their results here and refer the reader
to their article for details. They have shown that separation decreases when reflux
is increased beyond a certain point in a homogeneous azedtropic distillation column,
because this action dilutes the entrainer in the extractive section. At infinite reflux,
the entrainer concentration is essentially null except on a few trays of the bottom
section. From the residue curve diagram, we can predict that separation is infeasible
at infinite reflux, as figure 3.52 illustrates in the case of ethanol - water - ethylene
glycol. By applying theorem 3.2, we see that a feed located between the binary
azeotrope (azeotropic feed) and the ethylene glycol corner (entrainer feed) cannot be
separated into a distillate that is almost pure ethanol and a bottom that contains
very little ethanol, because the residue curves that come close to the pure ethanol
corner stay close to the ethanol - ethylene glycol edge and away from the water -
ethylene glycol edge. These residue curves do not interesect the distillate - feed line,

so the material balance cannot be satisfied.
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Concentration Entrainer feed
Ethanol (I) 0.0
Water (H) 0.0

Methanol (L) 1.0

Azeotropic feed

0.9334
0.0666
0.0

Methanol (L) recycle

Distillate

0.1345
0.0006
0.8649

Bottoms

0.01
0.99
0.00

693.69
Methanol makeup Y
.-
Tray #62
1331.82
600.0
100.0 <
Azeotropic feed Tray #31
2025.51
6.31
-
Water (H)

Fig. 3.49: The ethanol - water - methanol separation sequence

P
Ethanol (I)
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Ethanol

Fig. 3.50: Ethanol (1) - water (2) - methanol (3)
extractive column composition profile

80
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Fig. 3.561: Ethanol - water - methanol residue curve diagram
and extractive column composition profile
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This result is general and applies to all mixtures of the 100 class: Separation
is never feasible at infinite reflux. Yet separation is almost always feasible at finite
reflux. This point emphasizes the danger of drawing conclusions based on the infinite

reflux situation only.

3.2.3 The importance of good thermodynamic data

Throughout this article, we have assumed perfect knowledge of the mixture ther-
modynamics. Such an assumption can never be satisfied in practice. When is our
conclusion on separability affected by small errors in the thermodynamic parameters?
We do not know. Cases where separability depends on the curvature of a boundary
would seem particularly sensitive to thermodynamic data uncertainty, since the shape
and location of this boundary may change when we change the thermodynamic pa-
rameter. For example, methanol makes the separation of the ethyl ethanoate - ethanol
azeotrope feasible if we use the Van Laar equation to represent the liquid phase activ-
ity coefficients (figure 3.53, figure 3.54 and figure 3.55), but not if we use the Wilson
equation. In practice, we have often found that separability is easier to obtain with
the Van Laar equation than with the Wilson equation. We have also observed that,
when separation is feasible with both equations, the Van Laar equation usually leads
to lower feed ratios, lower reflux ratios and smaller columns. For instance, ethylene
glycol appears to be a much better entrainer for the ethanc  water azeotrope with
the Van Laar equation than with the Wilson equation (¢f. Knapp & Doherty 1990).

As we have shown in chapter 2, sensitivity to thermodynamic data uncertainty
may occur even in the case of heavy entrainers that add no azeotropes, a case which
is usually considered as insensitive: In the ethyl ethanoate - methyl ethy! ketone
- toluene case, slight changes in one liquid activity coefficient parameter can lead
to dramatic changes in the separation sequence flowsheet. For some values of this

parameter, toluene enables the recovery of ethyl ethanoate as pure distillate of the
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Ethyl ethanoate (I)

Ethanol (H)
Methanol (L)

0.3056 0.5656 0.31202
0.0 0.4344 0.00005
0.6944 0.0 0.68793

Ethyl ethanoate - methanol azeotrope recycle

0.01
0.99
0.00

Methanol (L) makeup |
-

100.0 ¢

6000.0

Azeotropic feed

6056.40
Tray #59
5633.92
_lllllll-lllv.
Tray #29
11690.32
43.60
-
Ethanol (H)

e
Ethyl ethanoate (I)

Fig. 3.53: The ethyl ethanoate - ethanol - methanol separation sequence
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Fig. 3.54: Ethyl ethanoate (1) - ethanol (2) - methanol (3)
extractive column composition profile
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Fig. 3.55: Ethyl ethanoate - ethanol - methanol residue curve diagram
and extractive column composition profile

m...,..rﬁ ethanoate

0
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extractive column while it enables the recovery of methyl ethyl ketone as distillate
for other values.

At this point, it seems that the correct determination of separability requires
an accurate description of the vapor-liquid equilibrium. Although a more robust
entrainer selection criterion method would be desirable, we have not yet identified

which cases are sensitive to thermodynamic data uncertainty and which are not.

3.2.4 Summary

In this section, we have focused on the practical aspects of separability:

o In practice, distillation columns are operated at finite reflux. Although sep-
arability at infinite reflux implies separability at finite reflux, there are cases
where separation is feasible at finite reflux but not at infinite reflux. We have

identified two cases where this situation occurs:

- Finite reflux boundaries display more curvature than the corresponding
infinite reflux boundaries; the finite reflux boundary may be curved enough

while the infinite reflux boundary is not.

- When the entrainer is a heavy component that introduces no azeotrope,
increasing reflux dilutes the entrainer in the extractive section, and sepa-
ration becomes impossible above a certain value. Yet, separation is almost

always possible at finite reflux.

o In order to correctly predict separability, we often need to know the exact loca-
tion and shape of a residue curve boundary. This position may change with the
representation of the vapor-liquid equilibrium data we choose, so cases where
separability depends on boundary curvature might be sensitive to thermody-

namic data uncertainty. But such sensitivity can occur even for heavy entrain-

ers that do not add azeotropes. When is our conclusion on separability robust



157

to thermodynamic data uncertainty? We do not know.
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Chapter 4

Extractive Distillation Entrainers
Comparison

4.1 A few new concepts

4.1.1 Considered entrainers

In chapter 3, we have discussed in detail the issue of separability. One important fact
has emerged from this study: Usually, the correct determination of separability at
infinite reflux requires the knowledge of the exact location and shape of the residue
curve boundaries. Without accurate data, the screening procedure presented in chap-
ter 3 becomes less reliable: Separations that appear feasible with one vapor-liquid
equilibrium description may be impossible in practice because the actual distillation
boundary location differs from the predicted position. Therefore, we could design a
separation sequence that could not perform its task in practice. As we have demon-
strated in the ethyl ethanoate - methyl ethyl ketone - toluene case (chapter 2). this
situation can occur even in the case of heavy entrainers that add no azeotrope (the
most common case in industry). Homogeneous azeotropic distillation can be very
sensitive to thermodynamic data uncertainty.

However, we can partially avoid this problem by considering only components that

add no azeotropes. Indeed, such components make separation almost always feasible:

e Heavy entrainers (i.e. entrainers that have a higher boiling point than both

azeotropic components) usually lead to separation (Benedict & Rubin 1945).
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o Intermediate entrainers (i.e,. entrainers that have a boiling point located be-
tween those of the two azeotropic constituents) have been discovered by Hoﬁman
(1964). As we demonstrate later in this article, these entrainers provide much
flexibility: Separation is feasible with only one column (chapter 3), as well as

with the direct sequence and the indirect two-column sequence.

e Light entrainers (i.e. entrainers which have a lower boiling point than both
azeotropic components) almost always make separation feasible in a two-column
sequence (chapter 2), even though they introduce a residue curve boundary

between the two azeotropic constituents.

These entrainers have another important advantage: They do not add complexity to
an already-complicated situation. Therefore, although many other types of entrainers
lead to separability as well, we restrict our investigations to components that add no
azeotropes. We assume throughout the rest of this article that the ternary mixture
azeotropic component #1 - azeotropic component #2 - entrainer exhibits only one
azeotrope, namely the binary azeotrope we are tfying to separate.

We now introduce a few concepts and definitions which we will use repeatedly in

our comparison of entrainers.

4.1.2 Equivolatility and isovolatility curves

As equipotential lines are defined as curves along which potential is constant, we
define equivolatility curves as the curves along which the relative volatility of two

components is constant. More precisely:

Definition 4.1 The a,-equivolatility curve Fﬁf of components A and B is the set of
points where the relative volatility of A and B is equal to o, : aup = ”;/;—i = q,.

Y

The equivolatility curves have the following properties:
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- In the case of a multicomponent mixture containing N species, the composition
space is a hyperplane of dimension N-1. The equation asp = a, defines a
surface of dimension N-2. In the case of ternary mixtures, this equality defines
curves; as an example, figure 4.1 shows the 2.0-equivolatility- curve of acetone

and methanol in the acetone (L) - methanol (I) - water (H) system.

- Because x4 and y4 (zp and yp respectively) are both null on BC (AC respec-
tively), aap is defined everywhere in the composition space T except AC and
BC. Since we only consider homogeneous azeotropic distillation, we exclude lig-
uid - liquid separation, so asp is a “smooth” function of the liquid composition
(z4,zp). By assuming that a,p is uniformly continuous in its domain, we can
extend it to the whole composition space and its extension is uniformly con-
tinuous. The definition of ['2% = {P € T/a,5(P) = a,} implies that T2% is
compact. In theory, F;jf may therefore contain several branches and/or closed
curves. In practice, the equivolatility curves we obtain with mixtures contain-
ing only one azeotrope do not contain closed curves. This would not necessarily
be the case if we considered very complex mixtures like methylcyclohexane -
hexafluorobenzene - benzene (Wade & Taylor 1973, Doherty & Perkins 1978).
We have found cases where equivolatility curves contain more than one branch;
for instance, the 1.1-equivolatility curve of ethyl ethanoate and methyl ethyl ke-
tone in the ethyl ethanoate (I) - methyl ethyl ketone (H) - acetone (L) mixture

contains two separate branches (figure 4.2).

- Equivolatility curves divide the composition space in two {or more) separate
regions. Because a,p is a continuous function that yields real values, the relative
volatility of A and B is always on the same side of o, within one of these regions.
Figure 4.2 illustrates this point in the ethyl ethanoate (1) - methyl ethyl ketone

(H) - acetone (L) case: The relative volatility of ethyl ethanocate and methyl
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Fig. 4.1: The 2.0-equivolatility curve of acetone and methanol
in the acetone (L) - methanol (I) - water (H) case
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Fig. 4.2: The 1.1-equivolatility curve of ethyl ethanoate and methyl ethyl ketone
Ethyl ethanoate in the ethyl ethanoate (I) - methyl ethyl ketone (H) - acetone (L) case
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ethyl ketone is larger than 1.1 in region 2 and lower than 1.1 in both regions 1

and 3.

In the set of equivolatility curves of two components, the 1.0-equivolatility curve
stands out. Because A is as volatile as B at every point of this curve, we call it the

isovolatility curve of A and B:

Definition 4.2 The isovolatility curve L ap of components A and B s the sct of

points where the relative volatility of A and B is equal to 1.

Isovolatility curves have interesting properties, which we use repeatedly in the next

sections:

- Because isovolatility curves are special equivolatility curves, they have the same
properties as equivolatility curves. However, we have observed in all eighty cases
we examined that isovolatility curves are made of only one branch that connects
one edge of the composition space to another edge and divides the composition
triangle in two separate regions. We assume in the remainder of this article

that isovolatility curves contain only one branch.

- If A and B form a binary azeotrope, then ¥ 45 includes this azeotrope. When
there is a ternary azeotrope, then the isovolatility curves ¥ 45, 40 and Ype

all exist and intersect at the ternary azeotrope.

- The isovolatility curve of two components can exist even when these two com- -
ponents form no azeotrope; for example, figure 4.3 shows the isovolatility curve
of benzene and heptane in the acetone (L) - heptane (H) - benzene (I) system.
This curve does not intersect the benzene - heptane edge, because benzene and
heptane form no azeotrope. This mixture exhibits only one azeotrope. namely

the acetone - heptane azeotrope.
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Fig. 4.3: The isovolatility curve of heptane and benzene in
the acetone (L) - heptane (H) - benzene (I) case
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Fig. 4.4: The tie line contains E when the
relative volatility of A and B is equal to 1

- Isovolatility curves can be derived from residue curves (Van Dongen 1982).
Indeed, the points E, (z4,2p) and (y4,yp) are aligned if and only if 2 /24 =
asp = 1. Therefore, the tie line (which joins the liquid composition (24, 75)
to the vapor composition (y4,yg)) contains point E if and only if the relative
volatility of A and B is equal to 1 at that point (figure 4.4). Since tie lines are
tangent to residue curves, X,4p can also be defined as the set of points where

the residue curve tangent contains point E.
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In practice, we determine the position of an equivolatility curve through the following

algorithm:
- Step 1: Pick an initial point.

- Step 2: Pick a search direction.

- Step 3: Find the point where ayg —a, = 0 along the perpendicular to the search
direction. This is easily done with a standard Newton-Raphson one-dimensional

search.

- Step 4: Step by a given amount in the search direction.
- Step 5: Go back to step 3.

Program interruption comes from two sources: When the perpendicular to the search
direction does not contain any zero of (asp — @,), or when we step out of the com-
position triangle during our move along the search direction. Isovolatility curves are
obtained with the same method by setting «, equal to 1.

By plotting a set of equivolatility curves for components A and B, we obtain a
graphical representation of the spatial distribution of asp. We define the resulting

diagram as the equivolatility curve diagram:

Definition 4.3 The equivolatility curve diagram of two components A and B displays
a representative set of equivolatility curves of A and B. In particular, if the isovolatilily

curve of A and B exists, it is shown on the equivolatilly curve diagram.

Figure 4.5 represents the equivolatility curve diagram of acetone and methanol in the

acetone (L) - methanol (I) - water (H) case.

4.1.3 Local Volatility Order

In the zeotropic case, the boiling point order coincides with the volatility: If the

boiling point of A is lower than the boiling point of B, then A is more volatile than B.
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Water

Fig. 4.5: The equivolatility curves of acetone and methanol in
the acetone (L) - methanol (I) - water (H) case
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The situation becomes different for azeotropic mixtures: The volatility order depends
on the considered point in the composition space. For instance, if A and B have a
minimum boiling azeotrope, A is more volatile than B for mixtures richer in A than
the azeotrope and B is more volatile than A on the other side of the azeotrope. We

therefore introduce here a notion of local volatility order:

Definition 4.4 A is more volatile than B in a region R of the composition space if

it is more volatile than B at every point of R. We denote this by “A>B.”

We have already seen that isovolatility curves divide the composition space in two
separate regions: In one of them, A is more volatile than B, while B is more volatile
than A in the other. Identifying where A is more volatile than B can also be done
from residue curves. Indeed, A is more volatile than B if and only if asp > 1,
or equivalently if and only if y4/yp > za/2p. Graphically, we see that A is more
volatile than B if and only if the point representing the vapor in equilibrium with P
is located above EP (figure 4.6). Because of the orientation of residue curves and of
the tangency of tie lines and residue curves, this condition becomes equivalent to: A
is more volatile than B at P if and only if the residue curve that contains P crosses
EP from region 1 to region 2. By continuity, if A is more volatile than B at P, then
it 1s more volatile than B in the whole region that contains P. Once we have found
the location of ¥ 45, we can determine the volatility order of A and B at every point
in the composition space by checking just one point. We can further simplifyv this
procedure by choosing a point P located on the AB edge, because the determination

of the volatility order of A and B is very simple there.

4.1.4 Volatility order diagram

In a ternary mixture, there are at most three isovolatility curves (one for each pair of
components). Note that there can be less: In the acetone (L) - methanol (1) - water

(H) case, both acetone and methanol are always more volatile than water, so this
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Fig. 4.6: A is more volatile than B

mixture displays only one isovolatility curve (figure 4.7). By combining all existing
isovolatility curves in one diagram, we obtain the volatility order diagram. More

precisely:

Definition 4.5 The volatility order diagram of a ternary mizture is a graphical rep-
resentation of:
- All existing isovolatility curves.

- The volatility order of the three components in each subregion of the composition

triangle.
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Fig. 4.7: The acetone (L) - methanol (I) - water (H) volatility order diagram

Methanol



171

Figure 4.7 displays the volatility order diagram of the acetone (L) - methanol (I) -
water (H) mixture: The composition triangle is divided into two regions. In region 1,
the local volatility order is acetone > methanol > water while in region 2, methanol is
more volatile than acetone and the local volatility order becomes methanol > acetone
> water. Acetone is the most volatile component in region 1, while methanol is
the most volatile in region 2. In the next section, we show how we can deduce the
separation sequence flowsheet from the volatility order diagram of the ternary mixture

azeotropic component #1 - azeotropic component #2 - entrainer.

4.2 Flowsheet

4.2.1 Heavy entrainers

Heavy entrainers represent the most common type of entrainers in industry. Such en-
trainers are extensively used in industry to isolate valuable chemicals, such as benzene
(Berg 1983), isoprene (Enomoto 1971) and butadiene (Buell & Boatright 1947, Ban-
nister & Buck 1969, Asatani & Hayduk 1983), from hydrocarbon mixtures. Another
important industrial application is the separation of the water - ethanol azeotrope
using various heavy entrainers such as glycols, glycerin, and heavy alcohols (Blé,ck
& Distler 1972, Black 1980, Lee & Pahl 1985, Yeh 1986, Knight & Doherty 1989,
Knapp & Doherty 1990). Because of their economic significance, these entrainers
have been extensively studied by numerous authors in both industry and academia.
In particular, the separation flowsheet is well-established: The entrainer is fed close
to the top of the extractive column and is recovered at the bottom of the entrainer
recovery coiumn. Both azeotropic components are recovered as distillates.

For a long time, finding which azeotropic constituent is recovered first could only
be done by trial and error (Knapp & Doherty 1990). Yeh (1986) discovered that the

entrainer carries down the extractive column the azeotropic component for which it

has more affinity, freeing the other component and enabling its recovery as distillate.
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Affinity can be measured by comparing the polar interaction and hydrogen bonding
of the candidate entrainer with the polar interactions and hydrogen bondings of the
two azeotropic constituents. Yeh’s method has the advantage of using only pure com-
ponent data, but can make erroneous predictions: DMFA seems to have more affinity
for acetone, yet it carries down methanol in the bottom product of an extractive
column. Yeh’s method is also limited to heavy entrainers.

Let us analyze the fundamental behavior of an extractive column separating a
minimum boiling azeotrope of components A and B (where A has a lower boiling
point than B) using component E as entrainer. Let us assume that A is recovered
as pure distillate. The key separation is performed in the extractive section: By
feeding the entrainer above the azeotrope, we ensure that the entrainer concentration
remains high enough on each tray of the middle section to make A more volatile than
B. The rectifying section separates the entrainer from A; the concentration of B is
very small, so this section essentially performs a binary separation. The separation
between A and B must be completed below the entrainer feed, because the entrainer
concentration decreases quickly in the rectifying section and the azeotropic behavior
reappears: B becomes more volatile than A, since the distillate is richer in A than
the azeotrope. The stripping section depletes the liquid phase of its content of A.
From this analysis, we conclude that A is the most volatile component in the bottom
and middle sections, while B is the most volatile component in at least the top of the
rectifying section. Because the concentration of B vanishes below the entrainer {eed,

we see that for small mole fractions of B:
- A is more volatile than B when the mole fraction of E is significant.
- B is more volatile than A when the mole fraction of E is negligible.

In other words, the local volatility order of A and B changes along the A - E edge.

This implies that the isovolatility curve of A and B intersects the A - E edge. We
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conclude that a necessary condition for the recovery of azeotropic component A as
distillate of the extractive column is that the isovolatility curve of A and B intersects
the A - E edge.

In the case of a heavy entrainer, the volatility order diagram eontains only one
isovolatility curve, namely the isovolatility curve of the two azeotropic components,
because the entrainer is the least volatile component everywhere. Because ¥ 45 must
start at the A - B azeotrope and end on another edge, it must intersect either the
A - E edge or the B - E edge; the situation where it ends precisely at E is singular
and does not occur in practice, since slight changes in any parameter bring us back
to one of the two considered situations. Let us assume that ¥ 45 intersects the B - £
edge, for instance. Then B is the most volatile component in a region that contains
part of the B - E edge. If we introduce enough entrainer in the column to obtain a
significant entrainer concentration in the extractive column, then B is more volatile
than A throughout this section. We can then separate A from B in the extractive
section if the number of trays in this section is sufficient. The stripping section can
remove B from the liquid phase, because B remains more volatile than A in that
section. Finally, the rectifying section can separate the entrainer from B, since E 1s

the least volatile component. We obtain the following result:

Proposition 4.1 We can determine the flowsheet of the feasible separation sequence

from the volatility order diagram:

- If the isovolatility curve of A and B intersects the A - E edge, A is recovered
as distillate of the eztractive column while B is recovered as distillate of lhe

entrainer recovery column.
- If the isovolatility curve of A and B intersects the B - E edge, B is recovered

as distillate of the extractive column while A is recovered as distillate of the

entrainer recovery column.
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This result is illustrated by figure 4.7 and figure 4.8 with the acetone - methanol
azeotrope and two different heavy entrainers, water and chlorobenzene. In the acetone
(L) - methanol (I) - water (H) case, the isovolatility curve of acetone and methanol
intersects the water - acetone edge: Acetone is recovered as top product of the ex-
tractive column (figure A.10.) In the acetone (L) - methanol (I) - chlorobenzene
(H) case, the isovolatility curve of acetone and methanol intersects the chloroben-

zene - methanol edge: Methanol is recovered as top product of the-extractive column

(figure A.13).

4.2.2 Light entrainers

In chapter 3, we have shown that light entrainers make separation feasible at infi-
nite reflux when the residue curve boundary that joins the entrainer corner to the
binary azeotrope is sufficiently curved. When separation is possible at infinite reflux,
the procedure presented in that article shows that the feasible separation flowsheet

depends on which side the boundary bends?:

e When the residue curve boundary bends as in figure 4.9, the separation se-
quence yields B as pure bottom product of the extractive column and A as
pure bottom product of the entrainer recovery column. The entrainer is fed

below the azeotrope and recovered at the top of the entrainer recovery column

(figure 4.10).

o When the residue curve boundary bends as in figure 4.11, the separation se-
quence yields A as pure bottom product of the extractive column and B as pure
bottom product of the entrainer recovery column. Again, the entrainer is fed

below the azeotrope and recovered at the top of the entrainer recovery column

!We assume that this boundary always bends in the same direction and never displays inflexion
points. In practice, we have found that such is indeed the case in all the cases we examined but one;
only the isopropanol (I) - water (H) - acetone (L) mixture does not satisfy this assumption.



175

Acetone

Fig. 4.8: The acetone (L) - methanol (I) - chlorobenzene (H)
volatility order diagram
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Fig. 4.9: B is located on the convex side
A of the residue curve boundary

A - B azeotrope

Fig. 4.10: Separation sequence obtained when B is on the boundary convex side
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Fig. 4.11: A is located on the convex side
A of the residue curve boundary

A - B azeotrope

(figure 4.12).

Because residue curve boundaries are never straight lines in the mathematical sense,
they always show some curvature, but this curvature may not be large enough to
make separation feasible at infinite reflux. In practice, we have found that we can
achieve more separation at finite reflux than at infinite reflux. In particular, we have
found that separation is actually almost always feasible at finite reflux, even when the
boundary almost looks like a straight line (chapter 3). Although their precise locations
are difficult to determine, finite reflux boundaries always display more curvature than
infinite reflux boundaries. This implies that we can apply the rule expressed above
to determine which separation sequence is feasible at finite reflux.

This rule can also be interpreted in terms of volatility order diagrams. Indeed, let
us consider figure 4.9. Because of the boundary curvature, the residue curves tangents

of points in region 1 close to the entrainer corner must intersect the vertical axis above
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Fig. 4.12: Separation sequence obtained when A is on the boundary convex side

Entrainer (L) recycle

Azeotropic feed
A/B
D ——————
R e =
-
A
Entrainer I—— R ——
makeup A B

the entrainer while the tangents of points located in region 1 close to the A corner
must intersect the vertical axis below the entrainer (figure 4.13). Therefore, there are
points in region 1 where the residue curve tangent contains the entrainer corner. This
implies that the isovolatility curve of A and B is located in region 1 and goes from
the A - B azeotrope to the A - E edge. There is usually only one isovolatility curve
in this case: The entrainer is the most volatile component everywhere (later in this
paper we examine the case where the entrainer is not the most volatile component.)
The volatility order diagrams corresponding to figure 4.9 and figure 4.11 are shown
on figure 4.14 and figure 4.15 respectively. We see that, in figure 4.14, B is the least
volatile component in a region that reaches the A - E edge. Therefore, if we introduce
enough entrainer in the extractive column, the whole composition profile is contained
in this region: B is the least volatile component throughout the éolumn and can be
recovered as pure bottom product, while we recover at the top of the column a binary

mixture of A and E. In figure 4.15, A is the least volatile component in a region
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Fig. 4.13: Tie lines in the light entrainer case

A - B azeotrope

that contains part of the B - E edge. By using enough entrainer, we can operate a
column that has its composition profile entirely within this region. A is then the least

volatile component throughout the column and can be recovered as bottom product.
We obtain the following results:

Proposition 4.2 From the volatility order diagram, we can determine the flowsheet
of the feasible separation sequence:

- If the isovolatility curve of A and B intersects the A - E edge, B is recovered as

bottom product of the extractive column while A is recovered as bottom product

of the entrainer recovery column.
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Fig. 4.14: Volatility order diagram when B lies on the boundary convex side

A

A-B A - B azeotrope

1sovolatility
curve

Fig. 4.15: Volatility order diagram when A lies on the boundary convex side

A

A - B azeotrope

E A-B B
isovolatility curve
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- If the isovolatility curve of A and B intersects the B - E edge, A is recovered as
bottom product of the extractive column while B is recovered as bottom product

of the entrainer recovery column.

Figure 4.16 and figure 4.17 illustrate these two cases with the ethanol (I) - water
(H) - acetone (L) and methyl ethyl ketone (I) - water (H) - acetone (L) mixtures.
When we use acetone as entrainer for the ethanol - water azeotrope, we obtain water
at the bottom of the extractive column (figure A.7); here, water has the highest
boiling point. When we use acetone as entrainer for the methyl ethyl ketone - water
azeotrope, we obtain methyl ethyl ketone as bottom product (figure 2.28). Note that
methyl ethyl ketone is the intermediate boiling component in this case.

In a couple of cases, namely ethanol (I) - water (H) - methanol (L) and ter-butanol
(I) - water (H) - methanol (L), we have observed that the entrainer, methanol in both
cases, is not the most volatile component over the whole composition space. For large
water concentrations, methanol becomes less volatile than ethanol or ter butanol. The
corresponding volatility order diagrams are shown on figure 4.18 and figure 4.19: We
now have two isovolatility curves. However, we see that the region where water is
the least volatile component covers most of the composition space and reaches the
methanol - ethanol or methanol - ter butanol edge. Therefore, we can recover water as
extractive distillation bottom product in both cases; the sequence separating ethanol

and water using methanol as entrainer can be found in chapter 2.

4.2.3 Intermediate entrainers

Intermediate entrainers differ from heavy and light entrainers by the flexibility they
give to the designer: While only one separation sequence can perform the desired
separation in the case of heavy or light entrainers, separation can be achieved in

three ways with an intermediate entrainer:
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Fig. 4.16: The ethanol (I) - water (H) - acetone (L)
volatility order diagram
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Fig. 4.17: The methyl ethyl ketone (I) - water (H) - acetone (L)

Methyl ethyl ketone volatility order diagram
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Ethanol
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Region 1
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Fig. 4.18: The ethanol (I) - water (H) - methanol (L)
volatility order diagram

Methanol
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Ter-butanol
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Fig. 4.19: The ter-butanol (I) - water (H) - methanol (L)
volatility order diagram
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e We can use one column only (chapter 3). Because the entrainer is not recovered,
the entraiher comes off the column as product impurity. Therefore, the amount
of entrainer we can add is limited by the amount of impurity we tolerate in the
product streams. The purer the products, the less entrainer we can use. A small
amount of entrainer still makes separation feasible: Because of its boiling point,
we can accumulate entrainer in the middle of the column by using a column
that contains many stages. When the entrainer concentration is significant,
the ternary mixture behaves like a normal ternary mixture: The boiling point
order coincides with the volatility order. So we can send A to the top of the
column and B to the bottom. This way of separating binary azeotropes has
several advantages: It requires only one column, and only a very small amount
of entrainer, so the diameter of the column can be small. On the other hand. it
requires a column with many trays, and the entrainer is lost. Obviously, these
advantages and disadvantages must be weighed against one another in each case
to determine if this scheme is economically interesting. This method remains
one feasible alternative that does not exist with other entrainers and should be

considered when available.

e The direct sequence is always feasible; in other words, we can always recover
A as top product of the extractive column and B as bottom product of the
entrainer recovery column. This result can be obtained in two ways: We can
apply the procedure described in chapter 3, or examine the volatility order

diagram:

- The results of the procedure described in chapter 3 are displayed in fig-
ure 4.20. Because all the residue curves that come close to the entrainer
corner end at B, the second column can perform its duty, namely separate

B from the entrainer. Because the residue curves that are close to A along
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Fig. 4.20: The direct sequence is possible

the A - E edge move along this edge and then along the B - E edge to
finally reach B, we can find a residue curve that comes close to A and
intersects the mass balance line of the second column. Therefore, the first
column can perform its duty, namely to produce pure A at the top and a
binary mixture Bl of B and E at the bottom. Because the infinite reflux
situation 1s the limit of high reflux ratio, this separation is also feasible at

finite reflux.

In the case of an intermediate entrainer, the volatility order diagram a.lWays
looks like figure 4.21. Close to corner A, residue curves move from the A -
B azeotrope towards Aj; therefore, the local volatility order in that region
is B>A>E. The order of A and B changes when we cross the isovolatility
curve of A and B; it becomes A>B>E. Finally, close to the entrainer cor-

ner, the local volatility order coincides with the boiling point order, i.c.
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A>E>B. This implies that the volatility order diagram contains an iso-
volatility curve for B and E; since B and E do not form any azeotrope, this
curve cannot intersect the B - E edge. The composition space is therefore
divided in three different regions, and A is the most volatile component
in both regions 2 and 3. By adding enough entrainer or using a large
enough column (the entrainer concentrates in the middle of the column
and reaches higher mole fractions with a larger column}, we can bring the
column profile in the regions where A is the most volatile component and
separate it from B. The top of the column essentially performs a binary
separation between the entrainer and A. The mechanism of this separation
is very similar to the one obtained with a heavy entrainer, but because the
entrainer is more volatile than the second azeotropic component, we do
not have to feed the entrainer separately. Also, obtaining high entrainer
concentrations can be achieved by increasing the number of trays rather

than using large amounts of entrainers.

e The indirect sequence is always feasible too: We can always recover B as bottom
product of the extractive column and A as top product of the entrainer recovery

column. We can reach this result in a completely similar fashion:

- The results of the procedure described in chapter 3 are displayed in fig-
ure 4.22. Because the residue curves that are close to A along the A -
E edge move along this edge and come close to the entrainer corner, the
entrainer recovery column can perform its duty and separate a binary mix-
ture of A and E. Because the residue curves that come close to the A -
E edge eventually end at B, B can be recovered as bottom product Bl
while the distillate D1 is a binary mixture of A and E. Again, because the

infinite reflux situation is the limit of high reflux ratio, this separation is
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Fig. 4.21: Volatility order diagram in the intermediate entrainer case

A
Region 1
A-B
B>A>E isovolatility
B-E
isovolatility
. B

also feasible at finite reflux.

- From the volatility order diagram, we see that B is the least volatile com-
ponent in region 3. By feeding enough entrainer to the column or by
using a large enough column, we can obtain high entrainer concentration
in the middle of the column and bring the column profile within region
3. B becomes then the least volatile component throughout the column
and can be recovered as pure bottom product. The distillate is a binary
mixture of A and E which can be separated easily in t~he second column.
The mechanism of this separation is very similar to the one obtained with

a light entrainer, but because the entrainer is less volatile than the first
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Fig. 4.22: The indirect sequence is possible

azeotropic component, we do not have to feed the entrainer separately. We
can again obtain high entrainer concentrations by increasing the number

of trays rather than using large amounts of entrainers.
We obtain the following results:

Proposition 4.3 Three different separation sequence ﬂowsheets are possible in the
case of intermediate entrainers; separation can be achieved with:

- Only one column.

- The direct sequence.

- The indirect sequence.

These three possible separation sequences have been illustrated in previous chapters

with the acetone - heptane - benzene example.
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4.2.4 Summary

In this section, we have shown how the volatility order diagrams can be used to
determine the flowsheet of the feasible separation sequence. We have obtained the

following results:

e When we use a heavy boiler, we recover A as distillate of the extractive column
and B as distillate of the entrainer recovery column if the isovolatility curve
of A and B intersects the A - E edge; we recover B first and A second if this

isovolatility curve intersects the B - E edge.

e When we use a light boiler, we recover A as bottom product of the extractive
column and B as bottom product of the entrainer recovery column if the iso-
volatility curve of A and B intersects the B - E edge; we recover B first and A

second if this isovolatility curve intersects the A - E edge.

¢ When we use an intermediate boiler, we can choose from three separation se-
quences: We can use one column only, the direct sequence or the indirect se-

quernce.

4.3 Entrainer comparison

4.3.1 The minimum trade-off curve

In order to be able to compare entrainers, we need to define a measure of entrainer
performances. Clearly, the best entrainer for a given azeotrope is the entrainer that
minimizes the total annualized cost to separate this azeotrope into pure products'.
Thus, an obvious measure of entrainer performance is the total annualized cost of the

corresponding separation sequence. But designing the feasible separation sequences

'The total annualized cost combines capital investments and operating expenses (Douglas 1988,
Knapp & Doherty 1990).
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for each entrainer is time-consuming. By examining the detailed cost study of the
ethanol (L) - water (I) - ethylene glycol (H) homogeneous azeotropic distillation
sequence performed by Knight & Doherty {1989) and revised by Knapp & Doherty

(1990), we show that we can relate this cost to the minimum trade-off curve:

Definition 4.6 The minimum trade-off curve represents the minimum reflux ratio
needed to achieve separation (defined as the minimum refluz flow rate divided by the

azeotropic feed flow rate) as a function of the entrainer-to-azeotrope feed ratio.

Indeed, because we consider only saturated azeotropic feeds, the main optimization
variable for the two-column separation sequence is the feed ratio, i.e,. the ratio of the
entrainer feed flow rate to the azeotropic feed flow rate. Knight & Doherty have shown
that the separation sequence found by determining the other design variables through
reasonable heuristic rules and optimizing only the feed ratio comes very close to the
true optimum. The detailed cost analysis they performed on a slightly suboptimal
sequence (see table 2 of Knight & Doherty 1989) reveals that the operating expenses,
i.e,. steam and cooling water, account for about half of the sequence total annualized
cost. We also see from their figures 2 and 6 that the total annualized cost does
not depend much on the heuristic rule used for the reflux ratio: Setting the reflux
ratio at 1.15, 1.2 or 1.3 times the minimum does not make much difference. The
minimum reflux ratio needed to achieve separation at a given feed ratio determines
the operating expenses. We should therefore try to minimize this minimum reflux
ratio as a function of feed ratio.

Typically, minimum trade-off curves are similar to the curve represented on fig-
ure 4.23. Except in the intermediate entrainer case, separation is impossible when
the feed ratio is too low. Above this threshold, separation is always feasible. The
typical shape of minimum trade-off curves results from the competition of two ef-
fects. Adding entrainer increases the entrainer concentration inside the column; this

usually increases the relative volatility of the azeotropic components and therefore
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Fig. 4.23: Typical minimum trade-off curve
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lowers the value of the minimum reflux ratio needed to achieve separation. However,
adding entrainer also increases the column load, leading to a minimum reflux ratio
increase. The overall result depends on the operating point: For low feed ratios, the
relative volatility improvement dominates the load increase while, for high feed ratios,
the load increase takes over the relative volatility improvement. Minimum trade-off
curves display a minimum, which we use here as our entrainer performance measure:
We define the corresponding feed ratio (minimum reflux ratio respectively) as the
optimum feed ratio (optimum minimum reflux ratio resp.). )

We compute minimum trade-off curves by calculating the minimum reflux ratio

corresponding to each value of the feed ratio; minimum reflux ratio calculations are
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carried out with the exact algorithm described in Levy & Doherty (1986). In order

to compare entrainers on an equitable basis?, we assume in all cases that:
b

- The composition of the feed we want to separate is that of the azeotrope at

atmospheric pressure.
- The entrainer feed contains only pure entrainer.

- We set the purity specifications on both. azeotropic component products at

0.998.

- We specify a value of 1000 for the ratio of the azeotropic component mole
fractions in the entrainer recovery column feed (this ratio usually limits the

achievable product purity in the entrainer recovery column (Andersen et al.

1989)).

We therefore compare entrainers by comparing their minimum trade-off curves. The
best entrainer is the entrainer that yields the lowest optimum feed ratio and mini-
mum reflux ratio. These two properties can sometimes conflict, as the acetone (L) -
methanol (I) - water (H) and acetone (L) - methanol (I) - chlorobenzene (H) examples
show (figure 4.24). Both water and chlorobenzene can be used as entrainers to sepa-
rate the acetone - methanol azeotrope and we see from the corresponding minimum
trade-off curves that separation with chlorobenzene requires a lower minimum reflux
than with water, but the optimum feed ratio is higher in the case of chlorobenzene
than of water. Whether chlorobenzene is a better entrainer than water for the acetone

oh

o
o

- methanol azeotrope depends on the relative costs of energy and of capital: 1li
energy costs would favor chlorobenzene, while low energy costs favor water.
A fair entrainer comparison requires the reflux ratio to be defined with respect

to the azeotropic feed and not to the distillate flow rate, as would commonly be the

9 . . . .o
“As we show later in this section, the minimum trade-off curve enables us to compare only
entrainers of the same kind; we cannot fairly compare entrainers that belong to different classes.
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Fig. 4.24: The minimum trade-off curves of acetone and methanol
. using water (1) and chlorobenzene (2) as entrainers
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case. Indeed, the usual definition of the reflux ratio would bias the comparison towards
entrainers that yield the highest distillate flow rate. For instance, chlorobenzene sends
methanol to the top while water sends acetone to the top of the extractive column.
Because the azeotrope contains three times more acetone than methanol, dividing the
minimum reflux flow rate by the distillate flow rate makes water artificially appear as
a much better entrainer than chlorobenzene: Reflux flow rates are identical for both
entrainers if we use a feed ratio of 1.1, yet the usual reflux ratio definition makes

water look much better than chlorobenzene at that point.

4.3.2 Comparing heavy entrainers

In the case of heavy entrainers, the position of the minimum trade-off curve can be
easily related to the equivolatility curve diagram obtained with this entrainer. Indeed.
let A be the component recovered at the top of the extractive column. Separation can
be achieved only when the entrainer concentration in the extractive section is large
enough to make A more volatile than B throughout the middle section. We have to
introduce enough entrainer in the column so that the entrainer concentration in the
extractive section exceeds zg. Although the connection is not direct since reflux and
boilup have to be taken into account, the larger zg is, the more entrainer we need
to add to “break” the azeotrope and to make the azeotropic comlﬁonent recovered
overhead more volatile than the other in both the extractive and the stripping sections.
Therefore, lower values of zg imply lower x-coordinates for the points of the minimum
trade-off curve. A comparison of figure 4.25 and figure 4.26 illustrates this point
in the case of the acetone (L) - methanol (I) azeotrope, using water, ethanol and
isopropanol as heavy entrainers. In all three cases, the corresponding equivolatility
curve diagrams show that acetone is recovered as distillate of the extractive column,
since the resulting isovolatility curve of acetone and methanol intersects the acetone

- entrainer edge. The resulting values of zg are: 0.10 for water, 0.20 for ethanol and
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0.29 for isopropanol. The minimum trade-off curves show the same trend: Operating
the separation sequence at the feed ratio optimum requires less entrainer when we use
water as entrainer than when we use ethanol, and less entrainer when we use ethanol
as entrainer than when we use isopropanol.

The y-coordinates of the minimum trade-off curve points are the minimum reflux
ratio obtained for the given feed ratio. In all distillation columns, there is a direct
connection between minimum reflux ratio and relative volatility. In the case of ho-
mogeneous azeotropic distillation, minimum reflux ratio is intimately connected to
the relative volatility of the two azeotropic components: The higher the achievable
relative volatility is, the easier the separation and the lower the minimum reflux ratio.
This relation is particularly true when the entrainer can be readily separated from the
two azeotropic constituents, which is the most common case. In that case, the sepa-
ration between the two azeotropic components is the factor that limits separation. A
comparison of figure 4.27, figure 4.28 and figure 4.29 illustrates this point, using again
the acetone - methanol azeotrope and water, ethanol and isopropanol as entrainers.
We see that water is again the best entrainer, because we can obtain a higher relative
volatility between acetone and methanol. We also see that isopropanol is better than
ethanol in terms of minimum reflux ratio: Indeed, we can achieve relative volatilities
higher than 2.5 with isopropanol, while we are limited to about 2.1 with ethanol.
The minimum trade-off curves reflect these facts: We achieve separation with a lower
minimum reflux ratio when we use water as entrainer than when we use either ethanol
or isopropanol, while isopropanol leads to lower minimum reflux ratios than ethanol.

In the case of heavy entrainers, the most difficult separation is performed in the
extractive section: If the entrainer sends A to the top of the extractive column.
this section removes B from the ternary mixture. Because the-extractive section
composition profile then lies close to the A - E edge, we should compare entrainers

that send A to the top by comparing the relative volatility of A and B close to the A -
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Min. reflux ratio
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Fig. 4.25: The minimum trade-off curves of acetone and methanol
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Fig. 4.26: The isovolatility curves of acetone and methanol
using ethanol (1), isopropanol (2) and water (3) as entrainers
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Fig. 4.27: The equivolatility curves of acetone and methanol
in the acetone (L) - methanol (I) - ethanol (H) case

0

Ethanol

Methanol



201

Fig. 4.28: The equivolatility curves of acetone and methanol
in the acetone (L) - methanol (I) - isopropanol (H) case
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Fig. 4.29: The equivolatility curves of acetone and methanol
Acetone in the acetone (L) - methanol (I) - water (H) case
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E edge. Similarly, we should compare entrainers that send B to the top by comparing
the relative volatility of A and B close to the B - E edge, because the extractive
section composition profile is then located in that region.

The comparison of entrainers that send different azeotropic components to the top
of the extractive column based on their equivolatility curve diagrams is less meaningful
and less reliable in practice than the comparison of entrainers that send the same
azeotropic component to the top of the extractive column. Indeed, let us consider
the acetone (L) - methanol (I) azeotrope, using isopropanol and chlorobenzene as
heavy entrainers. With isopropanol, we recover acetone as distillate of the extractive
column, while we recover methanol as top product of the extractive column if we use
chlorobenzene. Therefore, chlorobenzene must increase the methanol concentration
from 0.248 to 0.998, while isopropanol only has to increase the acetone concentration
from 0.752 to 0.998. Therefore isopropanol has an advantage over chlorobenzene,
which distorts the comparison we obtain from the equivolatility curve diagrams. We
see that zg is equal to 0.29 for isopropanol (figure 4.28) and 0.23 for chlorobenzene
(figure 4.8). Chlorobenzene should yield a lower optimum feed ratio. but we see
from figure 4.30 that such is not the case. Therefore we should separately compare
entrainers that send A to the top of the extractive column and entrainers that send

B to the top of the extractive column.
Proposition 4.4 We can compare heavy entrainers for a given binary azeolrope by
examining the corresponding equivolatility curve diagrams:

- The lower zg 1is, the lower the optimum feed ratio.
- The higher the relative volatility is, the lower the optimum minimum reflux

ratio.

Note that we should compare in this manner only entrainers that do not send the

same azeotropic component to the top of the extractive column.
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Min. reflux ratio

Fig. 4.30: The minimum trade-off curves of acetone and methanol
using isopropanol (1) and chlorobenzene (2) as entrainers
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A good entrainer should easily “break” the azeotrope we want to separate. In practice,
we have found that separation becomes very difficult and requires very large feed ratios

when the value of 25 exceeds 0.7. We illustrate this point with a couple of examples:

- Normal butanol can act as a heavy entrainer for the methanol (L) - methyl ethyl
ketone (I) azeotrope. Figure 4.31 shows the corresponding isovolatility curve of
methanol and methyl ethyl ketone. We see that zg is equal to 0.89. We have

found that separation is not feasible for feed ratios below 20.

- Sec-butanol can act as a heavy entrainer for the ethanol (L) - methyl ethyl
ketone (I) azeotrope. Figure 4.32 shows that zg is equal to 0.81 in this casc;

we have found that separation is impossible for feed ratios below 25.

A good entrainer should also yield high relative volatilities between the two azeotropic
components. In practice, we have found that separation becomes very difficult when
the relative volatility of the two azeotropic constituents always remains below 1.1 in
the region that would contain the extractive section composition profile. For example,
toluene can act as a heavy entrainer for the ethyl ethanoate (L) - methyl ethyl ketone
(I) azeotrope. Yet the relative volatility of ethyl ethanoate and methyl ethyl ketone
never exceeds 1.1 (figure 4.33); we have found that the optimum reflux ratio is over
25.

We can now explain the example presented in chapter 2 where we altered the
value of the Wilson interaction parameter of toluene and ethyl ethanoate in the ethyl
ethanoate (L) - methyl ethyl ketone (I) - toluene (H) mixture. We noted that, for
values of ar_gg below 0.77, we must recover ethyl ethanoate first, whercas we must
recover methyl ethyl ketone first for values of ar_gg above 0.89. We found that
separation 1s infeasible for feed ratios below 50 if the value of aT__EE is between 0.77
and 0.89. We also noted that changing the value of ar_gg from 0.6 to 1.0 does

not affect the binary equilibrium of toluene and ethyl ethanoate significantly. The



Fig. 4.31: The methanol - methyl ethyl ketone isovolatility curve in
the methanol (L) - methyl ethyl ketone (I) - n-butanol (H)

Methanol
1

0.8

0.6

206

0.4

0.2

N-butanol Methyl ethyl ketone



207

Ethanol

[ey

e
(e

o
o

e
-
AN S N | I .4 1 1 ’ l 2 3 2 l T I T l P N T 1 l

e
b

Fig. 4.32: The ethanol - methyl ethyl ketone isovolatility curve in
the ethanol (L) - methyl ethyl ketone (I) - sec-butanol (H)
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Ethyl ethanoate

Fig. 4.33: The ethyl ethanoate (L) - methyl ethyl ketone (I) - toluene (H)
equivolatility curve diagram
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set of equivolatility curve diagrams shown in figure 4.34 to figure 4.38 enables us
to explain this behavior. At first, as we increase ar_gg, the isovolatility curve end

point moves along the ethyl ethanoate - toluene edge towards toluene; for values of

from 0.6 to 0.84, the relative volatility of ethyl ethanoate and methyl ethyl ketone in
the extractive column decreases; figure 2.53 shows that, for a constant feed ratio of
50, there is an increase in the minimum feed ratio necessary to achieve separation.
Separation actually becomes infeasible when ar_gg exceeds 0.77. When ar_rg goes
above 0.84, the isovolatility curve end point is now located on the methyl ethyl ketone
- toluene edge, so we can recover methyl ethyl ketone first (figure 4.39). But because
the relative volatility of methyl ethyl ketone and ethyl ethanoate remains very low,
separation remains infeasible at first. Separation becomes feasible at a feed ratio of
50 only when ar_gp exceeds 0.89. Since the relative volatility of methyl ethyl ketone
and ethyl ethanoate increases as we increase ar_gg, separation becomes easier and
requires lower minimum reflux ratios when ar_gg goes from 0.89 to 1.0.

We have applied these rules of thumb to several azeotropes, examining several
entrainers for each of them, and we show the corresponding results in appendix C.
We have found that comparing entrainers can be done very reliably in all cases, except

when one entrainer cannot be easily separated from one of the azeotropic components.

4.3.3 Light entrainers

We obtain very similar results with light entrainers: The position of the minimum
trade-off curve can be related to the equivolatility curve diagram in a completely
analogous manner. Indeed, as in the case of heavy entrainers, good entrainers should
yield low values of zg, because less entrainer is required to “bréak” the azeotrope
and make the component recovered as bottom product the least volatile component

throughout the column. Thus lower values of zp imply lower x-coordinates for the



Fig. 4.34: The ethyl ethanoate (L) - methyl ethyl ketone (D) - toluene (H)
equivolatility curve diagram
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Ethyl ethanoate

Fig. 4.35: The ethyl ethanoate (L) - methyl ethyl ketone (I) - toluene (H)
equivolatility curve diagram
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Fig. 4.36: The ethyl ethanoate (L) - methyl ethyl ketone (I) - toluene (I1)
equivolatility curve diagram
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Fig. 4.37: The ethyl ethanoate (L) - methy! ethyl ketone (I) - toluene (H)
equivolatility curve diagram
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Fig. 4.38: The ethyl ethanoate (L) - methyl ethyl ketone (I) - toluene (H)
equivolatility curve diagram
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points of the minimum trade-off curves. This point is illustrated by figure 4.40 and
figure 4.41 using the ethanol (I) - water (H) azeotrope and ethanol and acetone as
light entrainers. Both entrainers enable the recovery of water as bottom product
of the extractive column: The isovolatility curve of ethanol and water intersects the
ethanol - entrainer edge in both cases. Methanol yields a lower g value than acetone:
the comparison of the two minimum trade-off curves shows that the optimum fecd
ratio is lower when we use methanol than when we use acetone.

As in the case of heavy entrainers, the relative volatility of the two azeotropic
constituents is the key factor determining the necessary minimum reflux ratio (unless
the entrainer is very difficult to separate from one of the two azeotropic constituents).
A high relative volatility implies an easy separation. Figure 4.42 and figure 4.43 show
that we can achieve a much higher relative volatility between ethanol and water with
methanol than with acetone; figure 4.40 confirms that the optimum minimum reflux
ratio is much lower with methanol than with acetone.

As in the heavy entrainer case, the relative volatility of the two azeotropic com-
ponents inside the composition triangle measures entrainer performance. In the case
of light entrainers, the most difficult separation is performed in the top section of
the column; without the entrainer presence, the component recovered in the bottom
product would be more volatile than the other azeotropic component, and separation
would stop. So good light entrainers should make the relative volatility of the two
azeotropic constituents as high as possible in this section. If A is recovered at the
bottom, the composition profile of the rectifying section is located close to the B -
E edge. As in the heavy entrainer case, we expect the comparison of entrainers that
send different azeotropic components to the top of the extractive column based on
their equivolatility curve diagrams to be less meaningful and less reliable in practice
than the comparison of entrainers that send the same azeotropic component to the

top of the extractive column.
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Fig. 4.41: The isovolatility curves of ethanol and water using
acetone (1) and methanol (2) as entrainers
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Fig. 4.42: The equivolatility curves of ethanol and water in
Ethanol the ethanol (I) - water (H) - acetone (L) case
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Ethanol Fig. 4.43: The equivolatility curves of ethanol and waicr in
1 = the ethanol (I) - water (H) - methanol (L) case
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Proposition 4.5 We can compare light entrainers for a given binary azeolrope by

cramining the corresponding equivolatility curve diagrams:

- The lower zg is, the lower the optimum feed ratio.

- The higher the relative volatility is, the lower the optimum minimum reflux

ratio.

Note that only entrainers that do not send the same azeotropic component lo lhc

bottom of the extractive column should be compared in this manner.

The value of zg should be low for a good entrainer. In practice, we have found that
separation again becomes very difficult when zp exceeds 0.7. The following examples

demonstrate this point:

- Acetone can act as a light entrainer for the isopropanol (1) - water (H) azeotrope
by enabling the recovery of isopropanol as extractive distillation column bottom
product. Because xg is equal to 0.78 (figure 4.44), separation requires high feed
ratios: We have found that separation can be achieved only when the feed ratio

exceeds 30.

- The isovolatility curve of isopropanol and water in the isopropanol (I) - water
(H) - methanol (L) system indicates that water can be recovered as extractive
column bottom product. Yet, because zg is equal to 0.82 (figure 4.45), we have

been unable to synthesize a column performing this separation.

A good entrainer should also yield high relative volatilities between the two azeotropic
components. In practice, we have observed that separation is difficult and 1'equim§
high minimum reflux ratios when this relative volatility does not exceed 1.1 in the
region that would contain the stripping section of the extractive column. This point is
illustrated by figure 4.42 in the ethanol (I) - water (H) - acetone (L) case: The rclative

volatility of ethanol and water remains below 1.1 close to the ethanol - acetone edge.
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Isopropanol

Fig. 4.45: The isopropanol (I) - water (H) - methanol (L) volatility order diagram
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Figure 4.40 shows that separation is feasible, but requires a minimum reflux ratio in

excess of 45.

4.3.4 Intermediate entrainers

As in the case of heavy and light entrainers, we achieve separation only when the
entrainer concentration inside the column is high enough to “override” the azeotropic
behavior. But contrary to heavy and light entrainers, obtaining a significant entrainer
concentration does not necessarily require large feed ratios. Because of the mixture
volatility order, we can concentrate the entrainer inside the column by using a large
number of trays and/or high reflux. There is no direct correlation between the iso-
volatility curve location and the x-coordinates of the minimum trade-off curve point.
Contrary to the light and heavy entrainer case, there is no minimum feed ratio below
which separation becomes infeasible; the minimum trade-off curve points abscissa
span the whole positive real axis. Figure 4.46 illustrates this point for both the direct
and indirect sequences, using acetone - heptane - benzene as an example.

When we use an intermediate entrainer, we essentially substitute for the separa-
tion of the two azeotropic constituents two separations: On one hand, we split the
lighter azeotropic component and the entrainer, while on the other hand, we separate
the entrainer from the heavier azeotropic component. These two separations are in-
dependent, and can be performed in any order (direct or indirect sequence) or in the
same column at different levels. Tilerefore, the degree of difficulty of these two sopzhu-
rations determines the efficiency of an intermediate entrainer. The relative volatility
of the two azeotropic components becomes less important in this case than in the case
of light or heavy entrainers, so we cannot use the equivolatility curve diagram of the
two azeotropic components to measure the performances of intermediate entrainers.

Note that, because intermediate entrainers arc far less common than light or heavy

entrainers, obtaining an efficient comparison method for this type of entrainer is not
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as important. In practice, we have only found one example of intermediate entrainer,
namely the acetone (L) - heptane (H) - benzene (I) mixture, out of a total list of 250

ternary mixtures.

4.3.5 Overall comparison

We have shown in the previous section that the mechanisms by which heavy, interme-
diate and light entrainers lead to separability differ from one another. In particular,
the corresponding separation sequences have different characteristics, different advan-

tages and different bottlenecks. Some of these differences are:

e Recycle purity: Knight & Doherty (1989) have shown that heavy entrainers

require high purity entrainer recycles, because any impurity contained in this
stream automatically contaminates one of the separation sequence products,
namely the extractive column distillate. In the light entrainer case, we have
shown (chapter 3) that separation does not require high purity entrainer recy-
cles; for instance, in the ethanol (I) - water (H) - methanol (L) case, we can
achieve separation with up to 5% ethanol in the methanol recycle stream. In
the intermediate entrainer case, there is essentially no limitation; the entrainer
recycle composition is then dictated by an optimization between the cost of

recycling material and the cost of separation.

e Number of columns: If we use a heavy entrainer, separation requires at least

two columns. In the ethanol (L) - water (I) - ethylene glycol (H) case, the
economic optimization of the separation sequence shows that a preconcentrator
lowers the sequence cost (Knight & Doherty 1989), because it eliminates much
of the water before the extractive column, correspondingly. lowering the load
and energy requirements of this column. However, a preconcentrator would
be detrimental if the crude feed contained more ethanol than the azeotrope:

A preconcentrator would recover some ethanol as bottom product, but its top
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product has a higher water concentration and is therefore more difficult to
enrich via extractive distillation than the crude feed. Given a crude A - B
feed that contains less A than the A - B azeotrope, a preconcentrator should
help separation in the case of heavy entrainers that send A to the top of the
extractive column while separation should be easier without preconcentrator in

the case of heavy entrainers that send B to the top of the extractive column.

We obtain a symmetric situation when we use a light entrainer. In that case. the
entrainer is needed only in the rectifying section, where its presence makes the
componern’ recovered as bottom product the least volatile component. Being
the most volatile component, the entrainer tends to naturally accumulate in the
rectifying section, while its concentration in the stripping section is negligible.
Therefore, the stripping section of the extractive column essentially performs
a binary separation between the two azeotropic constituents. If the crude I -
H feed is richer in I than the I - H azeotrope, a preconcentrator is useless for
light entrainers that send I to the bottom of the extractive column, because the
preconcentrator would perform the same duty as the extractive column strip-
ping section. For instance, figure 4.47 shows that preconcentrating a water-rich
feed in the ethanol (I) - water (H) - methanol (L) case makes the separation
performed in the extractive column more difficult. However, a preconcentra-

tor makes separation easier for entrainers that send H to the bottom of the

extractive column.

We have already examined the case of intermediate entrainers. As we demon-
strated in section 2, separation can be done with one or two columns. Since the
direct sequence is similar to the heavy entrainer case, a preconcentrator may
lower the total separation sequence cost. Intermediate entrainers provide much

flexibility, and all combinations should be examined.



Min. reflux ratio

10 =

Fig. 4.47: The minimum trade-off curves of ethanol and water using
methanol as entrainer for an azeotropic (1) and water-rich (2) feed

Feed ratio



229

o Entrainer recovery column feed purity: Andersen et al. (1989) have shown that,

in the heavy entrainer case, the extractive column bottom product must be
very pure, because any impurity contained in this stream automatically con-
taminates the entrainer recovery distillate. We obtain a similar situation in the
light entrainer case: Here, the component recovered as extractive column bot-
tom product 1s the least volatile component throughout the entrainer recovery
column, so it contaminates the bottom product of this column. We avoid this
problem if we use an intermediate entrainer; in that case, the entrainer presence
restores the natural volatility order based on boiling points. Any impurity in
the entrainer recovery column feed goes to the entrainer recycle and does not

contaminate the desired product.

e Relative volatility: We can usually achieve higher relative volatilities between

the two azeotropic components with heavy entrainers than with light entrainers.
However, such is not always the case: Both acetone and toluene can act as
entrainers for the ethyl ethanoate - methyl ethyl ketone azeotrope. Acetone is a
light entrainer, while toluene is a heavy entrainer. A comparison of figure 4.48
and figure 4.49 shows that we can obtain higher relative volatilities with acetone
than with toluene. As we have seen in the previous subsection. the relative
volatility of the two azeotropic components is not a good performance measure

for intermediate entrainers.

o Utilities: When we use a heavy entrainer, the boiling points of the two bottom
products are above the boiling points of both azeotropic components. Higher
reboiler temperatures often translate into higher-pressure steam, which raises
the separation sequence cost, as in the ethanol - water - ethylene glvcol case

(Knight & Doherty 1989). The condenser temperatures, on the other hand.

are the boiling points of the two azeotropic constituents. When we use a light
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Ethyl ethanoate

Fig. 4.48

: The ethyl ethanoate (L) - methyl ethyl ketone (I) - toluene (H)
equivolatility curve diagram
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Fig. 4.49: The ethyl ethanoate (I) - methyl ethyl ketone (H) - acetone (1)
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entrainer, the reboiler temperatures are given, but the condenser temperatures
are then lowered; this may make chilled water necessary, leading to a cost
increase. Note that we automatically avoid such problems with intermediate
entrainers, since the temperature range is then fixed by the two azeotropic

components.

By applying the previous entrainer comparison techniques to each class of entrainers.
we can narrow down a long list of potential entrainers to a handful by keeping only
the most promising candidates of each class. Because the corresponding separation
sequences have very different characteristics, we cannot compare entrainers of differ-
ent classes fairly without designing, costing and optimizing the feasible separation
sequence(s) for each entrainer selected at the previous stage.

In summary, given a binary azeotrope that we want to separate into two pure prod-
ucts and a set of chemicals that we consider as candidate entrainers, we recommend

the following entrainer selection procedure:
e Eliminate all chemicals that introduce additional azeotropes.

e By comparing the corresponding equivolatility curve diagrams, select the best

(or best few) candidates in each of the following classes:

- Heavy entrainers that send the lighter azeotropic component to the top of

the extractive column.

- Heavy entrainers that send the heavier azeotropic component to the top

of the extractive column.

- Light entrainers that send the lighter azeotropic component to the bottom

of the extractive column.

- Light entrainers that send the heavier azeotropic component to the bottom

of the extractive column.
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o Design, cost and optimize the feasible separation sequence(s) corresponding to
the remaining candidate entrainers. The best entrainer yields the lowest total

annualized cost.



Chapter 5

Conclusion

In chapter 1, we have shown that homogeneous azeotropic distillation can behave in

a very unusual manner. Amongst its surprising features, we find that:

e One should sometimes decrease reflux to increase purity. In many cases, but
not all, increasing reflux above a certain point decreases separation; in many

cases, no separation is performed at infinite reflux.

o One should sometimes decrease the number of trays to increase purity. Meeting

the same specifications with a larger number of trays may require higher internal

flows.

e One can sometimes recover other components than the least volatile or the
most volatile as pure products. There are cases where neither the direct nor
the indirect sequence are possible, but where separation is still feasible because
we can recover the intermediate boiling component as a pure distillate or pure

bottom product.

This unusual behavior has important consequences on the entrainer selection proce-
dure. In particular, since separations which are infeasible at infinite reflux may be
feasible at finite reflux, infinite reflux is not the limiting case. Timrefore, entrainer
selection criteria which reject components when they do not make separation fea-

sible at infinite reflux are fundamentally flawed. A critical review of four existing
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entrainer screening criteria reveals that they contradict each other and that none of
them can be used reliably. Because they do not recognize the specificity of homoge-
neous azeotropic distillation, they exclude incorrectly a large number of entrainers.

Briefly, they fail because:

e The rule of Benedict & Rubin does not take full advantage of the possibilities

offered by homogeneous azeotropic distillation.

o Hoffman’s rule eliminates components which do not make separation feasible at
infinite reflux. As we have shown in this paper, separation may still be feasible

at finite reflux.

¢ The rule of Doherty & Caldarola is based on the incorrect assumption that
the feed and composition profile of a distillation column must lie in the same
distillation region, regardless of operating conditions. Our experience shows
that distillate and bottom can often lie in different distillation regions at finite
reflux, because we can achieve more separation at finite reflux than at infinite
reflux: Finite reflux composition profiles often cross distillation boundaries. The
requirement that the feed must belong to the same region as the composition
profile is superfluous, even at infinite reflux, because the composition profile

can lie on the convex side of a distillation boundary while the feed lies on its

concave side.

e The rule of Stichlmair, Fair and Bravo eliminates components which do not
make separation feasible at infinite reflux. Again, separation may still be feasible

at finite reflux.

Although the qualitative results presented in this article do not depend on the specifics
of the thermodynamics used, the quantitative results shown here depend heavily on

these specifics. Homogeneous azeotropic distillation is inherently very sensitive to
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thermodynamic data uncertainty; in particular, small variations of the liquid activity
coefficient parameters can lead to very different flowsheets.

Because separability at infinite reflux is not equivalent to separability at finite
reflux, we must examine these two situations separately. In the second chapter, we
have analyzed in detail the infinite reflux situation. In particular, we have answered
the following question: Given a binary azeotrope which we want to split into two pure
products, does a given candidate entrainer make this separation feasible in a sequence
of columns (we consider here sequences of one, two and three columns) operated at
total reflux?

We have obtained the following results:

o In some cases, a binary azeotrope may be separated into two pure products with
only one distillation column. We present a necessary and sufficient condition

which can identify such situations.

e Through a new screening procedure, we can determine whether a candidate
entrainer makes the desired separation feasible in a sequence of two columns
operated at infinite reflux. This method is illustrated with some case studies:
it can predict unusual separation sequences (c¢f. the hexane - methanol - methy!

acetate case).

e The procedure can be generalized to sequences which contain more than two
columns. Such feature is required by some separations: For example, we sec that
methanol can be used as entrainer for the hexane - methyl acetate azeotrope if
we use three columns, but not if we use only two. We show that separation can

be very often performed in this manner.

o The separability conditions presented here have an important benefit: They
directly indicate the flowsheet of the feasible separation sequence(s) and give

approximate flow rates and compositions of each product stream.
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o Although residue curve diagrams are very valuable tools for determining sepa-
rability at infinite reflux, residue curve diagram classes cannot be used for that
purpose (contrary to the assertion of Doherty & Caldarola). Mixtures which
belong to the same class may yield different separability results: Some can be

separated in a two-column sequence, others cannot.
Finally, we have examined two aspects of separability in practice:

o Distillation columns are operated at finite reflux; the situation obtained at finite
reflux can differ significantly from the infinite reflux case. Finding a necessary
and sufficient condition for separability at finite reflux is a task which remains
to be accomplished. However, we have identified here two situations where

separation is feasible at finite reflux but not at infinite reflux.

e The thermodynamic data used to represent the vapor-liquid equilibrium of the
ternary mixture always contain some errors. This uncertainty can lead to in-
correct conclusions regarding separability. Sensitivity to thermodynamic data
uncertainty can be observed even in the case of heavy entrainers which add no
azeotropes (the most common situation in industry). Finding a robust entrainer

selection criterion remains an open issue at this point.

In chapter 3, we have analyzed in detail the mechanisms by which heavy, intermediate
and light entrainers make separation feasible using the notions of equivolatility curves.
isovolatility curves and local volatility order. This study shows that, in each case, we
can determine the feasible separation sequence flowsheet once we have obtained the
volatility order diagram of the ternary mixture azeotropic component #1 - azcotropic

component #2 - entrainer:

e In the heavy entrainer case, we must examine the position of the isovolatility

curve of the two azeotropic components A and B:



238

- If this isovolatility curve intersects the A - E edge, we recover A as distillate
of the extractive column while B is recovered as distillate of the entrainer

recovery column.

- If this isovolatility curve intersects the B - E edge, we recover B as distillate
of the extractive column while A is recovered as distillate of the entrainer

recovery column.

e In the light entrainer case, we must again examine the position of the isovolatil-

ity curve of the two azeotropic components A and B:

- If this isovolatility curve intersects the A - E edge, we recover B as bottom
product of the extractive column while A is recovered as bottom product

of the entrainer recovery column.

- If this isovolatility curve intersects the B - E edge, we recover A as bottom
product of the extractive column while B is recovered as bottom product

of the entrainer recovery column.

e In the intermediate entrainer case, separation can be achieved in three different

ways:
- We can use one column only.
- We can use the direct sequence.
- We can use the indirect sequence.
We have shown that the minimum trade-off curve (which represents minimum reflux
ratio as a function of feed ratio) is a reliable measure of entrainer performance. A
good entrainer should lead to both low feed ratios and a low reflux ratios. These two

quantities can be related to the equivolatility curve diagram of the ternary mixture

azeotropic component #1 - azeotropic component #2 - entrainer:



Chapter 6

Future Work

Throughout this work, we have examined the issue of separability, assuming a perfect
knowledge of the mixture thermodynamics. Case studies indicate that homogeneous
azeotropic distillation may be very sensitive to thermodynamic data uncertainty. By
limiting our entrainer comparison (chapter 4) to entrainers that do not introduce new
azeotropes, we partially avoid this difficulty. However, accurate thermodynamic data
1s difficult and expensive to obtain. In practice, thermodynamic data uncertainty is
always present, so we need a method that accounts for such uncertainty. Important

practical questions are:

e Will an entrainer that makes separation feasible for a given thermodynamic
model still make separation feasible if we change the description of the vapor-

liquid equilibrium data?

e In which cases do small changes in thermodynamic parameters change our con-

clusions on separability?

e In which cases is our entrainer comparison method sensitive to uncertainty?
Does the result of a given comparison change significantly if we change the

thermodynamic data description? If we change the thermodynamic parameters?

Another important issue is the issue of separability at finite reflux. We have shown

here how we can determine separability at infinite reflux. But all physical columns
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¢ In the heavy entrainer case, the location of the end point of the isovolatility
curve of the two azeotropic components determines the optimum feed ratio,
while the optimum minimum reflux ratio is correlated to the relative volatil-
ity between the two azeotropic constituents. We can compare heavy entrainers
by examining the corresponding values of zg (which we read directly from the
equivolatility curve diagram) and the values of the relative volatility of the
two azeotropic components in the region of the composition space where the
extractive section composition profile would lie. In practice, we have found
that separation becomes very difficult when the relative volatility of the two
azeotropic components remains below 1.1 (because this leads to high reflux ra-
tios) or when zp exceeds 0.7 (because this implies high feed ratios). We have

also found that, with these rules, we should only compare with one another en-

trainers which send the same azeotropic component to the top of the extractive

column.

e We obtain a very similar situation in the light entrainer case. We can compare
light entrainers for a given binary azeotropes by examining the values of 2p
and the relative volatility of the two azeotropic components in the region of the
composition triangle where the rectifying section composition profile would lie.
Again, we have found that separation becomes very difficult when zp exceeds
0.7 or when the considered relative volatility remains below 1.1. Again, we
should only compare with one another entrainers which send the same azeotropic

component to the bottom of the extractive column.

¢ Intermediate entrainers lead to a very different situation. Because we can in-
crease the concentration of an intermediate entrainer without increasing the
feed ratio (by increasing the column height), we cannot compare intermediate

entrainers by examining their corresponding volatility order diagrams. Because
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intermediate entrainers are quite rare, this is not a major limitation.

Finally, our detailed analysis of the homogeneous azeotropic separation sequences
obtained with heavy, intermediate and light entrainers has shown that they have very
different strengths and weaknesses, and that we cannot directly compare entrainers
of different classes. Therefore, we should compare candidate entrainers of the same
class with one another using equivolatility curve diagrams, then compare the few best
candidates of each class with one another by designing, costing and optimizing the

corresponding feasible sequences.
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operate at finite reflux. We have shown that we can often achieve more separation at
finite reflux than at infinite reflux. Determining how much more separation we can
perform at finite reflux than at infinite reflux would be very valuable for practitioners.
Such a finite-reflux separability criterion should also be robust to thermodynamic data
uncertainty.

Finally, the scope of this work has been consistently restricted to ternary mixtures.
The ideal situation assumed here, where we have to separate a binary azeotrope into
two pure components, is rather uncommon; the more common situation involves
multicomponent, multiazeotrope mixtures. The problem of finding the optimal way
of separating a multicomponent mixture into pure components is essentially solved
in the ideal case. However, the analogous problem in the azeotropic case is far from

a general solution.
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Appendix A

Feasible Separation Sequences

This appendix contains the flowsheets and composition profiles of the extractive

columns for the following 11 mixtures:
e Ethyl ethanoate - ethanol azeotrope: Acetone
e Ethanol - water azeotrope: Ethylene glycol, acetone

¢ Acetone - methanol azeotrope: Water, chlorobenzene, ethanol, isopropanol

Isopropanol - toluene azeotrope: Methanol, ethanol, ethyl ethanoate, acetone

The separation sequences corresponding to the remaining four mixtures described in
section 2.2.2 (Ethyl ethanoate - ethanol - chlorobenzene, ethanol - water - methanol,
acetone - heptane - toluene and acetone - heptane - benzene) are already included in
chapter 2. These separation sequences are designed to show separability and were not
optimized in any sense. Some of these separations require very high entrainer and/or
reflux flow rates, and are therefore impractical, but this is beyond the scope of our

argument.
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Ethyl ethanoate (I) 0.0 0.5374 0.00007 0.99
Ethanol (H) 0.0 0.4626 0.01501 0.01
Acetone (L) 1.0 0.0 0.98492 0.0
Acetone (L) recycle
3045.92
Tray #69
. 5047.20
Acetone makeup
3000.0
e s ot
100.0
Y -
Azeotropic feed Tray #22 | 8093.12
54.08
ol o
Ethyl ethanoate (I) Ethanol (H)

Fig. A.1: The ethyl ethanoate - ethanol - acetone separation sequence
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Fig. A.2: Ethyl ethanoate (1) - ethanol (2) - acetone 3)
extractive column composition profile
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Ethyl ethanoate
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Fig. A.3: Ethyl ethanoate - ethanol - acetone residue curve diagram
and extractive column composition profile




E@g

\ ic feed  Distill B m
Ethanol (L) 0.9182 0.99 0.00012
Water (I) 0.0 0.0818 0.01 0.02360
Ethylene glycol (H) 1.0 0.0 0.0 0.97628
Ethanol (L) Water (I)
— —
92.71
Tray #63
300.0 273.68
-
~ Ethylene glycol A Tray #59
= makeup S ——
/ 100.0 -
Azeotropic feed N Tray #18] 366.29

307.29

Ethylene glycol (H) recycle

Fig. A.4: The ethanol - water - ethylene glycol separation sequence
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Fig. A.5: Ethanol (1) - water (2) - ethylene glycol (3)
extractive column composition profile
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Fig. A.6: Ethanol - water - ethylene glycol residue curve diagram and

extractive column composition profile
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Ethanol (I)
Water (H)
Acetone (L)

Acetone makeup

Entrainer feed  Azeotropic feed  Distillate
0.0

. 0.9182 5.5d-6
0.0 0.0818 0.00073
1.0 0.0 0.99927

Acetone (L) recycle

Bottoms

0.99
0.01
0.0

10007.3

Tray #98
47357.12

10000.0

Tray #26

Azeotropic feed

s
100.0 Tray #7 57364.42

I 92.7
i

-

Ethanol (I)

Fig A.7: The ethanol - water - acetone separation sequence

»
Water (H)



Fig. A.8: Ethanol (1) - water (2) - acetone (3) extractive
column composition profile
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Fig. A.9: Ethanol - water - acetone residue curve diagram and
extractive column composition profile
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Concentration E Azeotropic feed istill
Acetone (L) 0.7480 0.9898
Methanol (I) o.c 0.2520 0.0002

Water (H) 1.0 0.0 0.0100

Acetone (1)

0.0003
0.1122
0.8875

Methanol (I)
-

-
75.50
Tray #75
271.51
Water makeup 200.0
- -
0 A Tray #55
jis]
(] e
100.0
- € -
Azeotropic feed Tray #25 | 34701

224.50

Water (H) recycle

Fig. A.10: The acetone - methanol -water separation sequence
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Fig. A.11: Acetone (1) - methanol (2) - water 3)
extractive column composition profile
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Fig. A.12: Acetone - methanol - water residue curve diagram and

extractive column composition profile
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Bottoms
Acetone (L) 0.7480 0.0006 0.13009
Methanol (I) 0.0 0.2520 0.99 0.00056
Chlorobenzene (H) 1.0 0.0 0.0094 0.86935
Methanol (I) Acetone (L)
- e
I 25.13
Tray #33
82.82
500.0
- -
— Chlorobenzene A Tray #22
= makeup NS
_ A 1000
Azeotropic feed N Tray #7 107.95
574.87

Chlorobenzene (H) recycle

Fig. A13: The acetone - methanol - chlorobenzene separation sequence
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Fig. A.14: Acetone (1) - methanol (2) - chlorobenzene (3)
extractive column composition profile
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Fig. A.15: Acetone - methanol - chlorobenzene residue curve diagram
and extractive column composition profile
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Concentration

Entrainer feed  Azeotropic feed  Distillate  Bottoms
Acetone (L) 0.0 0.7480 0.99 0.00024
Methanol (I) 0.0 0.2520 0.0003 0.04800
Ethanol (H) 1.0 0.0 0.0097 0.95176
Acetone (L)
ol i
75.43
Tray #45 8
408.4
Ethanol makeup 500.0
- -
$ Tray #30
,Il..lllll'
- 100.0 -
; \
Azeotropic feed Tray #12 | 483.91

524.57

Ethanol (H) recycle

Fig. A.16: The acetone - methanol - ethanol separation sequence

¥

Methanol (I)
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Fig. A.17: Acetone (1) - methanol (2) - ethanol (3)
extractive column composition profile

1
4
I
1
084"
i
4
J Y Ethanol
1 ;T T B =i
067 M- - i
! _.
0.47 Acetone _ _.
. * i
{ . m
] Qv. ﬂ-
0.2 ; \
1: \
¥ Methanol \.
r 4,:|na».v|" /:/:
. ~ T —-—3
o L4 L4 ' S8 LA L] L - . LB L L 1‘ L L L] L - L] L] ‘
0 10 20 30 40 50



266

Fig. A.18: Acetone - methanol - ethanol residue curve diagram
and extractive column composition profile

Acetone
1

0
Ethanol 0.2 0.4 0.6 0.8 1




Eﬁ&ﬁbé

Acetone (L) 0.7480 0.99 0.00100
Methanol (I) o.o 0.2520 0.0093 0.19666
Isopropanol (H) 1.0 0.0 0.0007 0.80234
Acetone (L) Methanol (1)
e o
75.43
Tray #72
223.08
Isopropanol makeup 100.0
- -
f Tray #55
)
7 100.0 -
. \
Azeotropic feed Tray #23 298.51
124.57

Isopropanol (H) recycle

Fig. A.19: The acetone - methanol - isopropanol separation sequence
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Fig. A.20: Acetone (1) - methanol (2) - isopropanol (3)
extractive column composition profile
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0.8

0.6

0

Isopropanol

Acetone

Fig. A.21: Acetone - methanol - isopropanol residue curve diagram
and extractive column composition profile




Concentration gﬁ% Azeotropic feed D1 Bl D2 B2
Isopropanol (I) 0.848 0.021 0.01 0.0 0.99
Toluene (H) opwu 0.152 0.118 0.99 0.121 0.007
Methanol (L) 0.879 0.0 0.861 0.0 0.879 0.003
Methanol-toluene azeotrope recycle
4084.7 3999.3
Tray #17 Tray #25
2 785.9 10000.0
[oy]
Azeotropic feed 100.0
€ -
d Tray #11 Tray #17
- i
Methanol (L) makeup 4000.0 Tray #10 | 4870.6 13999.3
15.3 85.4
o -
Toluene (H) Isopropanol (I)

Fig. A.22: The isopropanol - toluene - methanol separation sequence
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Fig. A.23: Isopropanol (1) - toluene (2) - methanol (3)
extractive column composition profile

1 ——
: /’\~\ — /'/‘
— sS Tremremsem e
0.8 i / Methanol
1 Isopropanol k4
0.6
0.4 -
0.2 - Toluene
: \
O LA L LJ ' L) L) L. '
0 15




Fig. A.24: Isopropanol (1) - toluene (2) - methanol (3)
entrainer recovery column composition profile
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Fig. A.25: Isopropanol - toluene - methanol residue curve diagram and the

extractive and entrainer recovery column composition profiles
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Concentration EEB Azeotropic feed D1 Bl D2 B2
Isopropanol (I) 0.848 0.175 0.01 0.0 0.99
Toluene (H) c.wwm 0.152 0.163 0.99 0.197 0.002
Ethanol (L) 0.802 0.0 0.662 0.0 0.813 0.008
» Ethanol-toluene azeotrope recycle
484.7 399.3
~4 - Tray #16 992.2 Tray #60 15000
™ Ethanol (L) makeup
400.0
Tray #30
100.0 <
Azeotropic feed Tray #9 1476.9 30399.3
15.3 85.4
‘ - ‘ -
Toluene (H) Isopropanol (I)

Fig. A.26: The isopropanol - toluene - ethanol separation sequence



Fig. A.27: Isopropanol (1) - toluene (2) - ethanol (3)

extractive column composition profile
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Fig. A.28: Isopropanol (1) - toluene (2) - ethanol (3)
entrainer recovery column composition profile
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Fig. A.29: Isopropanol - toluene - ethanol residue curve diagram and the
extractive and entrainer recovery column composition profiles
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Concentration  Entrainerfeed  Azeotropicfeed Distillate  Bottoms

Isopropanol (I) 0.2675 0.8484 0.32460 0.01
Toluene (H) 0.0 0.1516 0.00029 0.99

Ethyl ethanoate (H) 0.7325 0.0 0.67511 0.0

Isopropanol-ethyl ethanoate azeotrope recycle

1085.01
Ethyl eth ol
thyl ethanoate
makeup 1000.0 Tray #47
oo 3354.19
&
100.0 '
-
Azeotropic feed Tray #36
4439.2
I 14.99 I
Toluene (H) Isopropanol (I)

Fig. A.30: The isopropanol - toluene - ethyl ethanoate separation sequence
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Fig. A.31: Isopropanol (1) - toluene (2) - ethyl ethanoate (3)
extractive column composition profile
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Ethyl ethanoate




Fig. A.32: Isopropanol - toluene - ethyl ethanoate residue curve diagram
and extractive column composition profile
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Isopropanol (I) 0.8484 0.07805 0.01
Toluene (H) c.o 0.1516 0.00037 0.99
Acetone (L) 1.0 0.0 0.92158 0.0

Acetone (L) recycle

1085.09
Tray #52
= - 824.92
™ Acetone makeup
1000.0
|-|Il'
100.0
- < V
Azeotropic feed Tray #10 1910.01
14.91
- -
Toluene (H) Isopropanol (I)

Fig. A.33: The isopropanol - toluene - acetone separation sequence
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Fig. A.34: Isopropanol (1) - toluene (2) - acetone (3)
extractive column composition profile
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Fig. A.35: Isopropanol - toluene - acetone residue curve diagram and
extractive column composition profile
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Appendix B

Residue Curves and Differential Equations

Acrivos & Amundson (1955) describe the composition profiles of packed column rec-

tifying sections by the following equations:

d

—(n) = y(n)-y(n) (B.1)
N r . Ip o

y(n) = (TH)&(?LHTH (B.2)

where:

- n is a continuous variable that represents a dimensionless height of packing; n

increases upwards.
- z(n) is the liquid composition at height n.

- y(n) is the vapor composition at height n.

- y'(n) is the composition of the vapor in equilibrium with z(n).

- zp is the distillate composition.
- 1s the reflux ratio.
By differentiating equation (2), we obtain:

dy

r dz,
o=

m— (—5_2—(71) (B.3)




Substitution in equation (1) yields:

dzx

L) = (“T)y ) ~aln) - 22 (1.4

Equation (4) is the same as equation (15) of Van Dongen & Dohé1‘ty (1985); note
that n is oriented upwards here while their height variable &' is oriented downwards.

At infinite reflux, the differential equation that describes packed column profiles

hecomes:

Z(n) = y(n) - aln) (B.5)

This equation is identical to the residue curve equation.

Physically, packed columns are made of an infinite number of differential trays; a
differential amount of separation is performed on each of these differential trays. A
continuous description is therefore natural for such a system. Nevertheless, chemical
engineers have for many years described packed columns with plate-to-plate difference
equations by using the concept of “height of packing equivalent to a tray” (Henley
& Seader 1981). The success of this approach confirms Van Dongen & Doherty’s

conclusion, i.e. that the composition profiles of packed columns (obtained from dif-

ferential equations) and tray columns (obtained from difference equations) do not

differ significantly.



Appendix C

Entrainer Comparison Results

In this appendix, we compare the predictions we can make from the equivolatility
curve diagrams azeotropic component #1 - azeotropic component #2 - entrainer

with the corresponding minimum trade-off curves for several mixtures:

¢ Pentane - acetone: Benzene and toluene can both be used as heavy entrainers
for the pentane (L) - acetone (I) azeotrope. Figure C.1 shows the isovolatility
curves of pentane and acetone in the presence of benzene and of toluene. We
see that zg i1s equal to 0.44 in the case of benzene, while it 1s equal to 0.52 in

the case of toluene. Therefore, benzene should give a lower optimum feed ratio.

A comparison of the equivolatility curve diagrams obtained with benzene and
toluene (figure C.2 and figure C.3) shows that benzene yields higher relative
volatilities between pentane and acetone than toluene. Indeed, close to the
pentane - entrainer edge, the relative volatility of pentane and acetone reaches
as high as 2.0 with benzene, while it is limited to 1.5 with toluene. Benzene

should yield a lower optimum minimum reflux ratio than toluene.

Figure C.4 confirms these predictions. We see that the optimum feed ratio
and the optimum minimum reflux ratio are both lower with benzene than with

toluene.

e Ethanol - methyl ethyl ketone: Sec-butanol and normal butanol can both be

used as heavy entrainers for the ethanol (L) - methyl ethyl ketone (I) azeotrope.
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Fig. C.1: The isovolatility curves of pentane and acetone
using benzene (1) and toluene (2) as entrainers
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Pentane
1

Fig. C.2: The pentane (L)) - acetone (I) - benzene (H)
equivolatility curve diagram

Benzene

Acetone



Fig. C.3: The pentane (L) - acetone (I) - toluene (H)
equivolatility curve diagram
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Min. reflux ratio

Fig. C.4: The minimum trade-off curves of pentane and acetone
using benzene (1) and toluene (2) as entrainers
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Figure C.5 shows the isovolatility curves of ethanol and methyl ethyl ketone in
the presence of both butanols. We see that =g is equal to 0.81 in thé case of
sec-butanol, while it is equal to 0.60 in the case of n-butanol. Therefore, n-
butanol should give a lower optimum feed ratio. Here, we expect separation to
be difficult with sec-butanol because of the high value of zg. Large feed ratios

should be necessary.

A comparison of the equivolatility curve diagrams obtained with sec-butano]
and n-butanol (figure C.6 and figure C.7) shows that n-butanol yivelds”higher
relative volatilities between ethanol and methyl ethyl ketone than sec-butanol.
Indeed, close to the methyl ethyl ketone - butanol edge, the relative volatility
of ethanol and methyl ethyl ketone goes up to 1.7 with n-butanol, while it
is limited to 1.2 with sec-butanol. N-butanol should yield a lower optimum

minimum reflux ratio than sec-butanol.

Figure C.8 confirms these predictions. We see that the optimum feed ratio and
the optimum minimum reflux ratio are both lower with n-butanol than with sec-

butanol. Note that separation does require large feed ratios with sec-butanol.

Butanal - ethanol: Isobutanol and normal butanol can both be used as heavy
entrainers for the butanal (L) - ethanol (I) azeotrope. Figure C.9 displays the
isovolatility curves of butanal and ethanol in the presence of both butanols. We
see that 2 1s equal to 0.39 in the case of isobutanol, while it is equal to 0.08 in
the case of n-butanol. Therefore, n-butanol should give a lower optimum feed

ratio than isobutanol.

A comparison of the equivolatility curve diagrams obtained with isobutanol
and n-butanol (figure C.10 and figure C.11) shows that isobutanol yields higher

relative volatilities between butanal and ethanol than n-butanol. Indeed, close
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Fig. C.5: The isovolatility curves of ethanol and methyl ethyl ketone
using sec-butanol (1) and n-butanol (2) as entrainers
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Min. reflux ratio
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Fig. C.8: The minimum trade-off curves of ethanol and methyl ethyl ketone
using sec-butanol (1) and n-butanol (2) as entrainers

Feed ratio

30



296

to the butanal - butanol edge, the relative volatility of butanal and ethanol goes
up to 2.3 with isobutanol, while it is limited to 1.3 with n-butanol. Isobutanol

should yield a lower optimum minimum reflux ratio than n-butanol.

Figure C.12 confirms these predictions. The optimum feed ratio is lower with
n-butanol than with isobutanol, while the optimum minimum reflux ratio is

lower with isobutanol than with n-butanol.

Methyl ethanoate - methanol: Ethanol and isopropanol can both be used
as heavy entrainers for the methyl ethanoate (L) - methanol (I) azeotrope.
Figure C.13 displays the isovolatility curves of methyl ethanoate and methanol

in the presence of both alcohols. We obtain very similar values of zp in this

case, so the optimum feed ratio should be similar.

A comparison of the equivolatility curve diagrams obtained with isopropanol
and ethanol (figure C.14 and figure C.15) shows that isopropanol viclds
slightly higher relative volatilities between methyl ethanoate and methanol than
ethanol, but the difference is quite small: 2.8 for isopropanol versus 2.6 for

ethanol. So we expect comparable optimum minimum reflux ratios.

Figure C.16 does not confirm these results. Ethanol is actually a much worse
entrainer than isopropanol for the methyl ethanoate - methanol azeotrope, be-
cause the relative volatility of methyl ethanoate and ethanol is quite low close
to the methyl ethanoate corner: The relative volatility of ethanol and meth_ﬂ
ethanoate drops below 1.1 when the mole fraction of methyl ethanoate exceeds
97.8%. In this case, the rectifying section becomes the bottleneck of the column.

This problem does not arise with isopropanol.

Methanol - ethyl ethanoate: Ethanoic acid, chlorobenzene and ethvl ben-
zene can be used as heavy entrainers for the methanol (L) - ethyl ethanoate

(I) azeotrope. Figure C.17 shows the isovolatility curves of methanol and ethyl
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Fig. C.9: The isovolatility curves of butanal and ethanol
using isobutanol (1) and n-butanol (2) as entrainers
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Butanal
1

Fig. C.10: The butanal (L) - ethanol (I) - isobutanol (H)
equivolatility curve diagram

0
Isobutanol
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Fig. C.11: The butanal (L) - ethanol (I) - n-butanol (H)
equivolatility curve diagram
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Min. reflux ratio

Fig. C.12: The minimum trade-off curves of butanal and ethanol
using isobutanol (1) and n-butanol (2) as entrainers
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Fig. C.13: The isovolatility curves of methyl ethanoate and methanol
using ethanol (1) and isopropanol (2) as entrainers
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Methyl ethanoate

Fig. C.14: The methyl ethanoate (L) - methanol (I) - ethanol (H)
equivolatility curve diagram
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Methyl ethanoate
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Fig. C.15: The methyl ethanoate (L) - methanol (I) - isopropanol (H)
equivolatility curve diagram
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Min. reflux ratio

Fig. C.16: The minimum trade-off curves of methyl ethanoate and methanol
using ethanol (1) and isopropanol (2) as entrainers
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ethanoate in presence of these entrainers. We see that zg is equal to 0.92 {or
ethanoic acid, 0.13 for chlorobenzene and 0.22 for ethyl benzene. Therefore,
chlorobenzene should yield a lower optimum feed ratio than ethyl benzene, and
ethyl benzene should yield a lower optimum feed ratio than ethanoic acid. We
expect separation to be difficult and to require large feed ratios in the case of

ethanoic acid.

A comparison of the equivolatility curve diagrams obtained with these entrain-
ers (figure C.18, figure C.19 and figure C.20) shows that ethyl benzene yiélds the
highest relative volatilities in the three entrainers (up to 10), while chloroben-
zene ranks second, with relative volatilities reaching up to 8.5, and ethanoic
acid third, with relative volatilities which do not exceed 1.1. The optimum

minimum reflux ratio should follow this classification.

Figure C.21 confirms these predictions. The optimum feed ratio is lower with
chlorobenzene than with ethyl benzene, while the optimum minimum reflux
ratio is lower with ethyl benzene than with chlorobenzene. We were unable to
synthesize a column separating the methanol - ethyl ethanoate azeotrope using

ethanoic acid as entrainer.
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Fig. C.17: The isovolatility curves of methanol and ethyl ethanoate using
ethanoic acid (1), chlorobenzene (2) and ethyl benzene (3) as entrainers
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Fig. C.18: The methanol (L) - ethyl ethanoate (I) - ethanoic acid (H)
Methanol equivolatility curve diagram
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Fig. C.19: The methanol (L) - ethyl ethanoate (I) - chlorobenzene (H)
: equivolatility curve diagram
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Fig. C.20: The methanol (L) - ethyl ethanoate (I) - ethyl benzene (H)

Methanol equivolatility curve diagram
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Min. reflux ratio  Fig. C.21: The minimum trade-off curves of methanol and ethyl ethanoate
using chlorobenzene (1) and ethyl benzene (2) as entrainers
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